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INTRODUCTION

In many areas of South Africa there is no reliable water supply. In most of these

areas there is, however, access to large quantities of brackish ground water or

contaminated water which is generally non-potable. There exists a need therefore

for a membrane desalination unit which could make use of the abundant supply of

solar energy to desalinate these water supplies to produce potable water.

Apart from being both portable and cheap, the proposed unit should be both

simple to operate and require only low maintenance costs. These requirements

call for a system that will appeal to a very broad market, ranging from agriculture

to hiking. This report describes the designing of such a device and initial results.

In order to understand the transport phenomena in such a unit, a mathematical

model had to be derived. Such a model may also be used to predict the permeate

flux of such a unit under various operating conditions.



iii

BACKGROUND

In order to produce a distillate of quality energy is required to separate the

different species present in the feed to the distillation unit. A principle governing

factor is the cost of the energy required to produce the thermal driving force.

Generally, separation by membrane distillation has been found to be competitive

in situations where some source of waste energy is available or where electricity

is expensive. The advantage of using a solar distillation unit to produce water

which is safe for human consumption, lies in the fact that solar energy is used as

the only source of energy and it is readily available. In most areas where there is

a lack or shortage of reliable water, there is access to large quantities of brackish,

non-potable water. The combination of abundant quantities of solar energy and

the availability of non-potable water, gives rise to the possibility of economically

desalinating such water to produce water of potable standard.

Membrane distillation is a process by which water in a salt solution is evaporated

through a porous membrane [1]. The vapour condenses on a coolant surface on

the other side of the membrane. The two liquid surfaces; the heated salt solution

and the condensate, are separated by a porous hydrophobic membrane. Surface

tension forces withhold liquids from the pores and prevent contact of the two

streams. It can be said that the main purpose of the membrane in membrane

distillation is as a physical support for the vapour-liquid interface [2].

The temperature difference, causing a corresponding vapour pressure difference

across the membrane, provides the driving force for the membrane distillation

process. Evaporation will occur at the solution surface if the vapour pressure on

the solution side is greater than the vapour pressure at the condensate surface.

Vapour then diffuses through the pores to the cooler surface, where it condenses.

There are basically two categories in which membrane distillation (MD) can be

categorised. These are Direct Contact Membrane Distillation (DCMD) and Air

Gap Membrane Distillation (AGMD) [3]. In both cases the liquid feed flows over

the one side of the membrane and the evaporation surface is immobilised at one

membrane surface. In DCMD the condensation surface is localised at the

downstream side of the membrane, while in AGMD condensation of the distillate
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takes place over a cold surface separated from the membrane by an additional

gap of an inert gas, typically air. In DCMD the distance between the evaporation

and the condensing surfaces is separated only by the membrane, resulting in low

mass and heat transfer. In AGMD, on the contrary, the evaporation and

condensing surfaces are separated by a much larger distance hence giving rise to

a much larger heat and mass resistance. The very narrow gas gap in the DCMD

set-up gives rise to a small temperature difference between the two surfaces,

creating a small driving force for mass transfer. The larger air gap in the AGMD

set-up, on the other hand, gives rise to a larger temperature difference and

consequently a large partial pressure difference. An increase in the air-gap

thickness is beneficial in all cases as far as the heat losses are concerned;

however, it can result in an increase or in a decrease of the water distillation rate

from a salt solution.

MOTIVATION

Membrane distillation is a rapidly growing field gaining wide attention from

membrane experts such as Enrico Drioli in Italy, Marcel Mulder in the

Netherlands, Tony Fane in Australia, Sydney Loeb in Israel, and many others in

the USA, and even more in Japan. The biggest use of membrane distillation is

the stripping of water in the concentration of foods or biostreams, at room

temperature. Prof. Tony Fane of the Membrane Research Centre at the

University of New South Wales in Australia has a solar membrane distillation plant

at the university.

The potential value of successful results of this research are not restricted to

South Africa, but could have international implications, especially into Africa.

There is also a need to have a small storable device that can provide drinkable

water in an emergency, or that can provide water at any site far from a water

reticulation system.

Companies such as ESKOM were interested as they needed pure water for

washing purposes at distant substations. Farmers in Botswana were interested

as they have no means for providing water for their stock in distant areas of their



farms. In an emergency at sea it is important to have a means for distilling

drinking water, even by body heat.

This is a very new field of research, becoming increasingly viable as improved

membranes become available. (The best membranes were considered to be the

Enka polypropylene, the Goretex polytetrafluoroethylene, the ATO Pebax films,

the GKSS Pebax films and the ICI polyurethane film).

OBJECTIVES

The original objectives included the following:

Construction of a foldabte, storable, membrane distillation bag which could be

used in emergencies, to meet daily requirements of sterile and desalinated water,

and a unit to produce 1-10 litres of such water per day, by the use of solar heat,

body heat, heat from hot rocks or cooling by wind.

Construction of a movable membrane air-gap distillation unit operated by solar

heat and air-cooling which could be used on farms to desalinate brack borehole

water in quantities of 100 or more litres per day.

The membrane distillation bag should be a small pocket-sized pouch or bag that

could be filled with sea, saline or polluted water and which, in short term, could

distill this water to produce a potable product.

The membrane air-gap distillation unit should be a larger movable structure that

could be placed, for extended periods of time, in a solar environment and which

could continuously deliver desalinated water, for long periods of time.

RESULTS

An air-gap membrane distillation unit was designed and assembled. Experimental

details are given elsewhere [4, 5]. Using a two-level, four-factor full factorial

design, it was found that the variables temperature of the brine, the air-gap width

and the temperature of the cooling water had the most significant effects on the

response variable and the production rate of desalinated water. By increasing the



brine water temperature and by decreasing the cooling water temperature, the

mass flux was maximised. There was an experimental relationship between the

mass flux and temperature of the brine feed. The air-gap and the concentration of

the brine solution did, however, also affect the mass flux.

The effect of changes in the temperature of the condensing surface was not as

significant as changes in the temperature of the salt solution. If the air-gap was

saturated with water-vapour, it is obvious that the temperature of the condensing

surface would have a noticeable effect on the permeation rate. The lower the

temperature of the condensing surface, the faster the water-vapour would

condense. This would influence the saturation of the water-vapour in the air-gap,

and diffusion would be able to take place at a faster rate through the specific

membrane and under the specific conditions.

Both a fundamental model and an empirical model were derived for the transport

phenomena in air-gap membrane distillation.

The fundamental model was inclined to deviate from the experimental results,

especially at high feed concentrations and at high temperatures. (These
due

deviations were considered to possibly bejo the facts that: the permeability was

assumed to be concentration independent and the vapour pressure that was

extrapolated for salt concentrations above 26% (wt.). On a typical South African

summer's day, the temperature of the water can reach temperatures as high as

52°C. If a larger water volume was used, the same temperature would be

reached, but it would take longer to reach this temperature. A brine water

temperature of this magnitude could result in a mass flux of about half a litre per

hour. In instances where this process might be applied in emergency to obtain

fresh water, a flux of this magnitude would be adequate in the short term.

The salt rejection of this process varied between 99.69% - 99.94% and, for a

continuous system, no fouling occurred over short periods of time.
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CONCLUSIONS AND RECOMMENDATIONS

Air-gap membrane distillation units have successfully been made with a transfer

area of 400 cm2. They might be used by hikers, campers and people living in

rural areas without access to fresh water. A shortcoming was, however, the fact

that the air-gap membrane distillation units had variables that were difficult to

control. From the data obtained from the-alternative set-up, the conclusion could

be drawn that this would be a viable process if a low mass flux is required and

sunlight or some other source of waste heat is available. When sunlight was used

as an energy source, the feed could be heated temperatures of up to 52*C. If

these distillation units were to be used only for emergency purposes, this method

of fresh water production would be viable. The permeate was of a quality that met

the requirements for human consumption, since the salt rejection achieved by this

process was greater than 99.6%.

There was a good correlation between the predicted and experimental results.

The fundamental model could be used with confidence to predict the performance

of air-gap membrane distillation. The fundamental model had a correlation

coefficient (R2) of 0.9156, while the empirical model had a correlation coefficient

(R2) of 0.9026. At high brine concentrations, where the fundamental model tends

to deviate from the experimental data, the empirical model can be used to predict

the performance of the air-gap membrane distillation unit. Below 3% (wt.) NaCI

solution, both the models correlate the experimental data quite accurately, whilst

the empirical model produces better results when the air gap width is changed.

Conversely, it was found that the fundamental model made better predictions of

the experimental data when the fiowrates of the brine solution and the cooling

water were varied. The mass flux can therefore be very accurately predicted

when the advantages and disadvantages of both these models are taken into

account.

There was a near linear relationship between the vapour pressure difference and

the mass flux, showing that the vapour pressure difference was the driving force

in the process.
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CHAPTER 1

INTRODUCTION

In many areas of South Africa there is no reliable supply of fresh drinkable water, but in most

of these areas there is access to large quantities of brackish ground water or contaminated

water which is generally non-potable. A need therefore exists for a unit which could make use

of the abundant supply of solar energy to desalinate this water to produce potable water.

Such an unit should also be of use offshore as to desalinate seawater.

In order to produce a distillate of quality, energy is required to separate the different non-volatile

species which are to be found in the feed to the distillation unit The principal factor is the cost of

the energy needed to produce the thermal driving force. Generally, membrane distillation is found

to be competitive in situations where some source of waste energy is available or where electricity

is expensive. The advantage of using a solar distillation unit to produce water which is safe for

human consumption, is that solar energy is the only source of energy that is readily available. In

most areas where there is a lack or shortage of reliable water, there is access to large quantities of

brackish, non-potable water. The combination of abundant quantities of solar energy as well as

non-potable water, gives rise to the possibility of desalinating the water economically in order to

produce water of a potable standard.

The proposed unit should be both simple to operate and the maintenance costs should be low if

made portable and inexpensive. Such features would make such a system appealing to a very broad

market ranging from agriculture to hiking. It could be considered an emergency rescue pack as

well.

In this thesis, the design of such an unit, as well as the derivation of a mathematical model of the

unit is presented. Unfortunately, it is very difficult to control the variables in such a distillation unit

and an alternative set-up was designed to produce results which could be compared with the

predicted data.



Membrane distillation is denned as the evaporation of water vapour through a hydrophobic, porous

membrane with heated contaminated water in contact with the membrane. The downstream side of

the membrane is either in contact with the permeate (direct contact membrane distillation or

DCMD) or in contact with a stagnant layer of air which is in contact whh a cooled condensing

surface (air gap membrane distillation or AGMD). In this project, a hydrophilic, non porous

membrane was used in air gap membrane distillation instead of a hydrophobic membrane. In the

literature, models exist for air gap membrane distillation using porous, hydrophobic membranes, but

no model could be found where the modelling was extended for the use of a dense, hydrophilic

membrane.



CHAPTER 2

LITERATURE SURVEY

In this chapter, a literature survey will be conducted on membrane distillation, Models

will be discussed for the different types of membrane distillation. Furthermore, transport

inefficiencies, such as temperature polarisation and concentration polarisation will be

investigated, as well as the heat efficiency in membrane distillation. The use of solar

radiation as an energy source for desalination will be investigated as well.

2.1 Membrane Distillation

Membrane distillation (MD) is a temperature driven process in which two phases are

separated by a porous, hydrophobic (non wettable) membrane (Jonsson et al, 1985),

where a membrane is defined as a selective barrier between two phases, the term

'selective' being inherent to a membrane or a membrane process (Mulder, 1991). Since

the process is non isothermal, the water vapour migrates through the membrane from the

heated side to the cooled side due to a transmembrane temperature gradient (see fig. 2.1)

(Jdnssonc/ al., 1985).

This water vapour transport occurs at atmospheric

pressure and the temperatures may be much lower

than the boiling point of the solution (Carlsson et

al., 1983). Because of the liquid repulsing

properties of the membrane material, the liquid

phase is kept outside the pores as long as the

pressure of the liquid does not exceed the

mmimrim entry pressure of the porous partition,
Fig. 2.1 bitinbrant distillation concept.



that is, the liquid phases are kept out of the pores by capillary forces (Sarti et a!., 19SS).

The role of the membrane is peculiar insofar as the membrane does not contribute to the

separation due to its selectivity, but rather aas as a physical support for a liquid vapour

interlace (Bandmi et al., 1991; Gostolli et al.f 1989) and it aids in achieving a larger

vertical liquid area (Andersson et al.f 1985). The separation mechanism in this process is

the vapour-liquid equilibrium and the driving force for membrane distillation is the

transmembrane vapour pressure difference (Jonsson et a/., 1985). After the vapour has

passed through the membrane, it condenses, and the condensate is totally or partially

devoid of all components present in the mother liquid that lack a measurable vapour

pressure, for example, Na* and Cl* (Andersson et al.f 1985). The net flux is in the

directiou of the decreasing temperature, that is, from the warm solution to the cold

solution. The main requirement for membrane distillation is that the membrane must not

be wetted, that is, only vapour is present in the pores. In order to prevent the wetting of

the membrane, the pores should be small (0.1 (im-0.5 [im), the surface energy of the

membrane should be high and the surface tension of the liquid should be high. Typical

membranes that are normally used for membrane distillation are polytetrafluoroethylene

(PTFE), polypropylene (PP), polyethylene (PE) and polyvinylidene (PVDF). These

materials are used for their sensitivity to vapour, not liquid (Banat et aly 1994).

Andersson et at. (1985) reported that no membrane has been developed especially for

membrane distillation, so there is a great potential for improvement. This problem still

exists.

Different types of membrane distillation are available: i) direct contact membrane

distillation, ii) air gap membrane distillation, iii) vacuum enhanced membrane distillation

and iv) sweeping gas membrane distillation.

Membrane distillation is a process with a large variety of applications. It is primarily used

for the desalination of sea water and brackish water (Jonsson et a/., 1985), water removal

from blood, milk and fruit juice, the separation of alcohol-water mixtures (Gostolli et al.,

1989) and to concentrate to high osmotic pressures aqueous solutions of substances

sensitive to high temperatures (Drioli et al, 1987). Since effective permeate rates can be



obtained at 50° C-IOQ0 C, membrane distillation can be effectively used for the separation

and concentration of solutions with non volatile components (Kurokawa et ai, 1990).

The main advantages of membrane distillation over conventional distillation are:

• lower operating costs (Banat et aL, 1994),

• the possibility of overcoming corrosion problems by using plastic equipment

(Banat era/., 1994; Jonsson eta!., 1985),

• mist elimination (Banat etait 1994; Hanbury etal.t 1985; J6nsson etal., 1985),

• the configuration of the evaporation surface can be made similar to various

membrane modules, with a compact area density,

• product is very pure,

• waste energy and solar energy can be used as an energy source (JSnsson et al.t

1985),

• the marginal decrease of flux with high concentrations encourages the use of

membrane distillation for high concentration solutions (Banat et al.t 1994).

Fane et al. (1987) found in an evaluation of membrane distillation for the production of

distilled or potable water, that production costs are very sensitive to feed temperatures.

For a modest scale plant with a capacity of 5000 kg/h, the production costs could be

similar to that of reverse osmosis (RO), while for a smaller plant with membrane

distillation coupled to a solar heater, the production cost would be marginally higher than

for reverse osmosis, but it could offer practical advantages in arid or rural locations.

Membrane distillation has the drawback of high membrane cost and the problem of

membrane wetting (Hanbury et al.t 1985). To prevent the phenomenon of membrane

wetting, composite membranes in which a hydrophilic layer is coated on a hydrophobic

membrane are used, as described by Cheng et al. in a series of patents. Hanbury et al.

(1985) claimed that for membrane distillation to become economically viable, the price of



the membrane has to be reduced considerably and, second, much higher heat transfer

coefficients have to be achieved. To achieve better heat transfer coefficients, the only

method would be to use acid treatment and highly degassed feeds to reduce the partial

pressure of the gas in the membrane pores. Hanbury et a!. (1985) concluded that

membrane distillation based on PTFE membranes is unlikely to be economically viable.

2.1.1 Historical Background

The transport of liquids under non isothermal conditions through membranes has been

known since the beginning of the century. At first, the membranes used were dense

membranes which gave very small mass fluxes; this was known as thermo-osmosis and this

process had very little industrial application.

In the 1960s, larger fluxes were obtained for the non isothermal transport of vapour

through hydrophobic, porous membranes (Ortiz de Zarate et a/., 1993). Van Haute and

Hynderycks in Europe (Van Haute et al.f 1967) and Findley (Findley, 1967; Findley et aly

1969) in the United States made major contributions to this field by investigating

seawater desalination through a hydrophobic membrane.

This process obtained renewed attention in 1982 when Gore proposed a spiral type

module using a Gore Tex membrane and calling the process "Gore-Tex Membrane

Distillation" (Gore, 1982). The Swedish Development Co. also reported test results in

1983 (Carlson, 1983). Enka presented a hollow fibre 'Trans Membrane Distillation"

module in 1984. At the Second World Congress on Desalination and Water Re-use in

1985, held in Bermuda, several papers on this topic were presented (Sarti et a/., 1985).

The renewal of interest in this process led to the development of polytetrafluoroethylene

(PTFE) membranes and polypropylene (PP) membranes that can be used for membrane

distillation. The Chigasaki Laboratory of the Water Re-Use Promotion Center has been

studying sea water desalination since April 1985. The modules they used were plate-and-

frame type with both hydrophobic and hydrophilic membranes (Kubota et ait 1988; Ohta

et al.t 1990). In 1988, Kubota et al. (1988) noticed that the heat efficiency was improved



in the desalination of sea water by the introduction of an air gap in the plate-and-frame

module.

2.1.2 Direct Contact Membrane Distillation

Direct contact membrane distillation (DCMD), as the name indicates, is a membrane

distillation process in which a liquid phase is in contact with both sides of the membrane.

As mentioned, the hydrophobic membrane allows only vapour to penetrate the membrane

(see fig. 2.1). Furthermore, it is assumed that there is liquid-vapour equilibrium between

the vapour in the pores and the adjacent liquid at the entrance of the membrane pores.

Due to liquid contact at either sides of the membrane, the evaporation and condensation

surface are very close to each other, and as a consequence a high conduction flux parallels

the mass flux. This reduces the effective temperature difference across the membrane

greatly with respect to the bulk temperature difference (Gostolli et a/., 1989). According

to Schofield et al. (1990b), heat losses in direct contact membrane distillation due to

conduction amount to 20 %-40 % of the total heat input The temperature and

concentration distribution in direct contact membrane distillation is illustrated in fig. 2.2.

Schofield et al. (1990a) claimed that membrane distillation is limited by heat transfer if the

module design does not give adequate heat transfer to the membrane surface, and that

direct contact membrane distillation gives better control of the film heat transfer than other

types of membrane distillation. Conversely, the process will be mass transfer limited if the

membrane permeability is too low.
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Membrane distillation is a process in

which heat transfer and mass transfer

take place simultaneously. Mass transfer

takes place by the convective and

diffusive transport of water vapour

across the microporous membrane. The

convective transport across the

membrane can be described either by the

Fig. 2.2 Temperature and concentration distribution in Knudsen flow model Or by the Poiseuille
direct contact membrane distillation, ,

flow model, the former being dominant

when the pore size is smaller than the mean free molecular path of the gaseous water

molecules (Schofield et a/., 1987). This is because the molecules collide much more often

with the walls of the pores than with each other. The resistance to diffusion can thus be

attributed to the collisions of the molecules with the walls rather than with each other, as

in ordinary diffusion (Sherwood et a/., 1975). Since the mean free molecular path of

water vapour is about 0.3 jam at 60° C and this is similar to the size of a typical membrane

pore (0.1 (im-0.5 |im), both the abovementioned models must be considered (Jonsson et

a!., 1985; Schofield et a!., 1987). A pore size of 0.5 \xm is too large for pure Knudsen

flow (Schofield et aLf 1990a). In both these models, the main resistance to mass transport

is induced by the membrane structure, since it is assumed that no air is present in the

membrane pores (Fane et a/., 1987).

According to Schofield et al. (1990a), gas permeation experiments were conducted on a

range of membranes to determine whether the governing mechanism in direct contact

membrane distillation is Knudsen or Poiseuille flow. Experiments were conducted on

three different flat sheet hydrophobic microporous membranes, with pore sizes of 0.1 [im,

0.2 [im and 0.45 |im. Initial experiments involved the measurement of the gas permeation

rate versus pressure drop for helium and air at subatmospheric pressures, to asses the

applicability of Poiseuille or Knudsen flow to the chosen membranes. It was found that



for gas permeation, Knudsen diffusion is predominantly the transport mechanism. The

Knudsen model can be expressed as

where N is the mass flux, DK is the Knudsen diffusion coefficient, s is the porosity of the

membrane, x *s the tortuosity factor, £ is-'the membrane thickness and Ac is the

concentration difference across the membrane. The first term (Ikefx) m e (ln- (2.1) is the

corrected Knudsen difEusion coefficient for a microporous membrane, which is the ratio of

the flux per unit of the total face area to the concentration gradient normal to the face,

while the second term is the concentration driving force (Schofield et al.f 1987; Sherwood

et a/., 1975).

The Knudsen diffusion coefficient can be expressed as

where (8RT/nM)Oi is the mean molecular speed and r is the radius of the pore. Since the

vapour pressure and temperature of the water vapour in the membrane are relatively low,

ideal gas behaviour can be assumed.

PM

By substituting eqn. (2.2)-(2.3) into eqn. (2.1), the mass flux (N) can be expressed as

^jt*>Ap (2.4)

where M is the molecular mass of water, R is the gas constant, T is temperature and AP is

the vapour pressure difference of water vapour across the membrane (Sherwood et al.t

19S7). Equation 2.4 is for gas permeation through an isotropic, microporous membrane

(Schofield etalt 1990a).
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The Poiseuille flow model describes the flow of a gas through a porous structure. The

Poiseuille flow model for a capillary is expressed as

<2-5)

where qpon is the flow through a single pore and n^* is the pore density. Furthermore,

and «,»„ are expressed as

and

^-i? (2-7)

where 77 is the dynamic viscosity of the gas, 5 is the membrane thickness, x ls

tortuosity factor, e is the porosity of the membrane and r is the radius of the membrane

pores. Substituting eqn. (2.6)-(2.7) into eqn. (2.5), the Poiseuille flow (Schofield et a/.,

19S7) for a microporous membrane can be expressed as

, 1 r2e 1 MPm An

" T (2-8)

Unfortunately, the Knudsen and Poiseuille flow models have their limitations, since S, e

and r must be predetermined from experimental gas fluxes through the given membrane.

The transport of gas through a microporous membrane in direct contact membrane

distillation can also be seen as a process of diffusion through a stagnant gas film, because

the presence of air in the pores depends on the solubility of air in water (Bandini et a/.,

1991; Schofield et a/., 1987). The solubility of air in water is of the order of 10 ppm

(Schofield et a/., 1990c), implying that the flux of air is many orders of magnitude smaller

than that of the vapour flux. Accordingly, the air establishes a pressure gradient opposing
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the vapour flux. Diffusion will be dominant if a significant amount of air is present in the

membrane pores. The assumption can be made that molecular diffusion (or ordinary

diffusion) is the prevailing mechanism in direct contact membrane distillation because of

the air in the pores. Molecular diffusion takes place when the water molecules move at

high speeds, although they travel extremely short distances before they collide with other

molecules. This causes the molecules to be deflected in random directions. Consequently,

the migration of the molecules is very slow, except at very low molecular densities

(Sherwood et aLt 1975). The mass flux (N) through the microporous membrane is given

by

3>
where K/fl is the mole fraction of air (log mean) in the pores (Schofield et al% 1987). For

isotropic porous materials, the effective diffusion coefficient is D,g - De/x (Schofield et

alt 1990a). When the partial pressure of the air present in the membrane pores is very

low, YiH -> 0, so eqn. (2.9) is undefined.

Equations (2.4), (2.8) and (2.9) can be simplified to

(2.10)

where K is a thermally driven mass transfer coefficient for the specific system. Equation

(2.10) simply states that flux (N) - Permeability (K) x driving force (AP). From eqn.

(2.4), eqn. (2.8) and eqn. (2.9), it can be seen that K is temperature dependent. If

diffusive transport prevails, the average air content of the pores, ft,, will be the controlling

factor (Schofield et a/., 1987). The partial pressure of air within the membrane pores can

be reduced by deaerating the feed, or by reducing the pressure of the liquids bounding the

membrane (Le. limiting the total gas pressure in the pores). By deaeration, the flux can be

enhanced 20 %-50 %. If convection transport prevails, K wul be strongly dependent on

the pore geometry (Schofield et al.t 1990c).



Schofield et al. (1987) found that diffusive as well as convective transfer of water vapour

occur, and in an attempt to account for both of these transport mechanisms it was

suggested that the combined mass transfer coefficient (Kt) should be calculated as follows

1-1

(2.11)

where Yin is the mole fraction of air (log mean), A'o is the diffusion mass transfer

coefficient and KK is the Knudsen mass transfer coefficient.

For small differences in temperature across the membrane, the following relation can be

used

dp A/>

dT T" A7*
(2.12)

According to SchoBeld et al. (1987), this relation is very accurate for temperature

differences smaller than 10 °C. Equation (2.12) is evaluated at the average temperature

across the membrane (Tm). Since it is not possible to measure the vapour pressure in the

membrane pores, it would be better to express the vapour pressure difference as a

temperature difference. The mass flux (N) can be expressed as

(2.13)

The Clausius Clapeyron equation can be used to evaluate dp/dT.

dT
(2.14)
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where A is the latent heat of vaporisation at the average temperature (Tm.). Owing to the

vapour liquid equilibrium in the membrane pores, the Antoine equation can be used to

determine the vapour pressure at temperature the average temperature (Tm XSchofield et

fl/.f 1987).

3841 . .
= exp(23.238- 7 > 4 5 (2.15)

The heat transfer in direct contact membrane distillation can best be visualised by

examining the electrical analog as shown in fig. 2.3.

The heat transfer from the bulk

solution to the membrane surface is

given by following expression

Fig. 2.3 Heal transfer in direct contact membrane distillation.

(2.16)

where hi is the heat transfer coefficient of the heated solution. The film heat transfer

coefficients ht and h* can be determined from heat transfer theory if the fluid dynamics are

well defined or can be determined experimentally (SchofieH et c/., 1987). From fig. 2.3

the heat flux through the membrane associated with conduaion and evaporation is in

parallel. Consequently, the sensible heat (Q) can be expressed as

'e-e—+&* (

where QC(mj is the heat flux due to conduction across the gas filled membrane and

the heat flux associated with the evaporation.

is
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The latent heat is simply

do
(2.18)

and the heat loss due to conduction is

(2.19)

where 8 is the membrane thickness and C is the effective thermal conductivity of the

membrane calculated from the solid and gas conductivities by

(2-20)

where kx is the conductivity of the gas in the membrane pores, k, is the conductivity of the

membrane itself and £ is the porosity of the membrane

Substitution of eqn. (2.18) and eqn. (2.19) into eqn. (2.17), yields

Q = HAT (2.21)

where

T (2-22)

is the overall heat transfer coefficient for the membrane.

From eqn. (2.21) and eqn. (2.22) it can be seen that for a constant heat flux (2) that the

heat required for evaporation can be increased if the conduction losses are minimised.

Due to a temperature difference between the membrane surface (7j) and the cooling

water, there is a heat flux between these two regions. Hence
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where h0 is the heat transfer coefficient on the condensing side (Schofield et a/., 1987).

2.1.3 Air Gap Membrane Distillation

Air gap membrane distillation (AGMD) is the membrane distillation process in which the

evaporation and condensation surfaces are separated by an air gap, that is, they are

separated further from each other than in direct contact membrane distillation (fig. 2.4).

This phenomenon leads to an increase in mass transfer and heat transfer resistances and,

by changing the air gap width the distillation rate is influenced (Gostolli ejt a/., 1989).

The air gap was initially introduced to membrane distillation for the minimisation of the

conduction losses and to maintain the maximum temperature difference between the

membrane surface and the condensing surface. Air gap membrane distillation (AGMD) is

a relatively recent process compared to direct contact membrane distillation, and

consequently not as much research has been conducted on the former process as on direct

contact membrane distillation.

To simplify the transport phenomena in air gap

membrane distillation, it can be divided into

the following steps:

i) Heat is transported from the bulk fluid to

the membrane surface.

u) Water evaporates at the membrane

surface from the hot solution.

iii) Water vapour diffuses through the membrane pores.

iv) Water vapour diffuses through the air gap.

v) Water vapour condenses on the condensing surface.
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2.4 Schematic representation of air gap
membrane distillation.

vi) Heat is transported through the condensate to the condensing surface.
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vii) Heat is transported through the condensing surface.

viii) Heat is transported from the condensing surface to the coolant.

In the modelling of the transpon phenomena in air gap membrane distillation, Jonsson et

al (1985) assumed that the temperature of the bulk was equal to that of the membrane

surface and the temperature of the condensate equal to that of the coolant. These

assumptions cannot be made without expecting a substantial error in the distillation rate,

since temperature polarisation plays an important role in membrane distillation.

Since the membrane is in contact with a stagnant layer of air, the valid assumption can be

made that the membrane pores are filled with air. As in direct contact membrane

distillation, where molecular transport is the prevailing mechanism, the mass transport

through the total diffusion path (x) can be expressed as

Dc dya

— ( 2 2 4 )

where D is the diffusion coefficient, c is the concentration of the solvent and y is the mole

fraction of the solvent.

In order to be able to integrate this equation, the following boundary conditions are

necessary

x = xt yA =*yAl

At steady state, the magnitude of the flux does not vary with distance, thus dAVdi = 0;

hence eqn. (2.24) can be integrated to obtain the following expression.

(2>25)
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The heat transfer between the heated bulk fluid and the membrane surface is the same as

that in direct contact membrane distillation.

2 = ( ^ + ^ ; X 7 ; - 7 - 2 ) (2.26)

where ht is the convection heat transfer coefficient, // is the flux, ct is the specific heat

capacity of the fluid and 7/ and 7j are the temperatures of the bulk fluid and the membrane

surface, respectively,

Kimura et at. (1987) assumed that no liquids are present in the membrane pores. The

water evaporates at the entrance of the membrane pores and the vapour diffuses through

the air filled pores to and through the air gap. The vapour contains a certain amount of

heat due to its enthalpy. Since the membrane is stationary with no bulk motion, there is

conduction of heat through the membrane. In order to simplify the heat transfer, Kimura

et al. (1987) decided to combine the heat transfer through the membrane and air gap into

one step, an approach also followed by Kurokawa et at. (1990). Since the membrane

pores are filled with air, the thermal conductivity of air is used. The diffusion path (x) is

defined as the air gap width together with the membrane thickness (Kimura et a/., 1987).

The heat transfer through the membrane is

e-C^+jv^xr.-rj+M (2.27)

where h is the effective conduction coefficient through the total diffusion gap, cs is the

specific heat capacity of the vapour, and T4 is the temperature of the condensate.

Kurokawa et al. (1990) reported that for an air gap less than 5mm, the heat transfer and

mass transfer are controlled by conduction across the diffusion path and for an air gap

larger than 5mm, the heat and mass transfer are controlled by free convection. He also

found that the permeate characteristics are affected by the width of the air gap.

To evaluate the free convection heat transfer coefficient (hm) of the vapour in the air gap,

the air gap can be approximated as a gap between two vertical plates. The Nusselt
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number (Nu\ in terms of the GTashof number {Gr) and the Prandtl number (/V), is given

by

(2.28)

2.1xl03<G/<l.lxl07 c=0.07 n=l/3

2.0xlO~*<Gr<2.1xl05 c = 0.20 «=l/4

where / is the length of the plate.

Owing to the analogy between heat and mass transfer, the Nusselt number (MO can be

replaced by the Sherwood number (Sh) and the Prandtl number (Pr) can be replaced by

the Schmidt number (Sc),

(2.29)

2.1xl05<Gr<l.lxl07 c=0.07

2.0xl0"4<Gr<2.1xl03 c = 0.20 «=l/4

From these equations the heat and mass transfer coefficients can be evaluated for free

convection. The heat transfer, in which free convection is the dominating heat transfer

mechanism, can be expressed as

t (2.30)

while the mass transfer is given by

N = km(c2-c4) (2.31)

where k* is the mass transfer coefficient and c: and c4\s the concentration at the membrane

surface and at the condensate, respectively.
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Since the water vapour condenses on the condensing surface, a layer of water will form on

the plate and flow downward under the influence of gravity. It is assumed that this layer is

of uniform thickness. The temperature of the liquid vapour interface is at the saturation

temperature and there is heat transfer through the liquid layer to the metal surface, since

the temperature at the surface is lower than the saturation temperature. The following

assumptions must be made in order to get useful results:

i) Laminar flow and constant properties for the condensed film;

ii) Negligible shear stress in the liquid-vapour interface;

in) Negligible momentum and energy transfer by advection in the condensate fi1mt from

which h follows that the heat transfer across the film occurs only by conduction, in

which the temperature distribution is linear; and

iv) The gas is a pure vapour and at a uniform temperature equal to the saturation

temperature (Incropera et a/., 1990).

To determine the condensation heat transfer coefficient (hu\ Kimura et at. (1987) used an

expression derived by Nusselt, namely

hL =

1/4

(2.32)

where g is the gravitational acceleration (9.81 m/s2), kL is the conduction heat transfer

coefficient, X is the latent heat of evaporation, p is the density of the water layer, / is the

length of the condensing plate and fj. is the viscosity of the condensed species (Incropera et

ai.f 1990; Kimura etal, 1987).

For the condensation at the surface of the cooling plate, Q is given by

Q = h{TA-Tt) (2.33)
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where hL is the condensation heat transfer coefficient

Since there is no mass transport through the condensing surface and the surface is

stationary (no bulk motion), only conduction takes place through the plate. The heat

transfer through the plate can be given as

2 = -y(r,-rj (2.34)

where ka is the conduction heat transfer coefficient and d is the thickness of the

condensing plate.

Owing to temperature polarisation, there is a thermal gradient between the condensing

surface and the bulk of the cooling water. The fluid is not stationary, so that the heat is

transferred by convection. The heat flux is given by (Kimura et c/., 1987)

Q = h,(Tt-T1) (2.35)

where h( is the convection heat transfer coefficient.

According to Gostolli et al (1989), the optimum air gap width depends on the salt

concentration of the feed, since an increase in salt concentration leads to a wider air gap.

Due to the large differences in temperatures between the condensation and evaporation

surfaces, the water flux is no longer linear with the transmembrane temperature difference

as in direct contact membrane distillation. Heat transfer within the liquid phases has a

minor effect when air gaps are large, that is, the resistance due to the air gap is significant.

The pressure in the air gap can be controlled, so that a decrease in the air gap pressure will

result in an increase in water flux.

2.1*4 Sweeping Gas Membrane Distillation

Sweeping gas membrane distillation (SGMD) is a membrane distillation process with a

configuration similar to that of air gap membrane distillation. The only difference between

these two processes is that the stagnant gas film in air gap membrane distillation is
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replaced by a moving, inert gas stream and the condensing surface is absent (fig. 2.5).

Basini et al. (1987) studied the influence of the relevant process variables such as the inlet

temperatures and the flow rates on the evaporation efficiency by using both tubular and

flat porous, hydrophobic membranes. The flat membranes were of polytetrafluoroethylene

(PTFE) and polypropylene (PP), and the tubular membranes were polypropylene.

Heated solution
M em brane

Gas stream To

Basini et al. (1987) proposed the

following model for sweeping gas

membrane distillation (SGMD)

The local distillation flux {N) throueh
Fig. 2.5 Schematic representation of sweeping gas membrane

distillation. the membrane is given by

N = MwKt(cwJ — cwj0) (2.36)

where Mw is the molecular mass of the water, Kt is the overall mass transfer coefficient,

cwJ is the concentration of the water at the brine-membrane interface and cw.a is the

concentration of the water vapour in the gas stream.

and

T=T+T (2i37)

The gas phase mass transfer coefficient {kt) can be calculated using standard mass transfer

correlations, and the mass transfer coefficient through the membrane ( j y can be

calculated as follows
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where Z?^ is the effective diffusion coefficient and S is the boundary layer width.

Since the prevailing mechanism for diffusion is not purely convectrve or diffusive, a

combined mechanism should be derived taking into account both convection (A.) and

diffusion (D). Basini et at. (1987) suggested an equation of the form

where / is the tortuosity, 8 is the membrane thickness and e is the porosity of the

membrane.

The concemration of the water at the evaporative surface (cwj) can be determined from

phase equilibrium conditions at the local temperature (7/). This temperature is related to

the temperature of the bulk fluid and can be determined by taking the heat transfer

phenomena in the bulk fluid and the temperature polarisation into account.

The overall heat transfer coefficient (Uc) can be calculated by adding the heat transfer

coefficients through the membrane (Su) to those of the heat transfer through the gas phase

1 1 1

T = T+T <2-40>

Basini et at. (1987) reported that for a countercurrent configuration the heat and mass

transfer can be expressed as

~T=NA (2.41)
az

where L is the mass flow of the heated solution, A' is the distillation rate and A is the

transfer area.

(2.42)
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where cy is the heat capacity of the heated solution

and

^ Tt - TG) (2.43)

where G is gas flow rate, Cpo is the heat capacity of the gas stream, and c^ is the heat

capacity of the water vapour.

The mass transfer resistance mainly depends upon the magnitude of the Reynolds number.

For low Reynolds numbers, mass transfer through the gas phase dominates, while the mass

transfer through the membrane prevails at high Reynolds numbers. Basini et at. (1937)

reported that for sweeping gas membrane distillation, the liquid inlet temperature is a very

important variable in the distillation rate, while the system is insensitive to the gas inlet

temperature. He also found that when comparing sweeping gas membrane distillation to

air gap membrane distillation, that the evaporation rate is higher for the former process,

although the heat losses are of the same order of magnitude for both processes.

The model predictions are in accord with the experimental values obtained by Basini et a!.

(1987), although there were deviations at higher gas velocities, since the equipment used

had a gas inlet distribution system that gave a gas flow regime in the cell for which no

standard heat and mass transfer correlations were available.

2.1.5 Vacuum Enhanced Membrane Distillation

When the pressure in air gap membrane distillation is lowered below the equilibrium

vapour pressure, a vacuum membrane distillation process is obtained (fig. 2.6), in which

there is a net total pressure difference within the gas phase between the region adjacent to

the evaporation surface and the bulk gas phase (Gostolli et aL9 1989). The operation of

this process is very similar to that of pervaporation, although significant differences exist.

The transport mechanism through the dense, hydrophOic membrane used in pervaporation

is the solution-diffusion process, while the membrane acts only as a physical support for
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Heated
solution

Membrane

Vapour Vacuum

.; *

the liquid phase in vacuum enhanced membrane distillation as with the other membrane

distillation processes (Sarti et al.t 1993). Because of the low pressure on the permeate

side of vacuum enhanced membrane distillation, the pore size of the membrane is smaller

than the molecular mean free path of the gaseous phase, resulting in mass transfer through

a porous membrane governed primarily by the Knudsen mechanism. A convective

transport mechanism is thus the dominating mass transfer mechanism (Dullien, 1979).

The resistance established due to the heat transfer in

the liquid phase in vacuum enhanced membrane

distillation tends to be the rate determining step,

whereas with a membrane with a low permeability

the dominating step is the mass transfer through the

membrane itself

Sarti et al (1993) proposed a model for the transport

phenomena in a vacuum enhanced membrane

distillation unit and compared the predicted values to

those obtained experimentally. The set-up that was used consisted of hollow fibre

polypropylene membranes with a 35 % void fraction, 25 Jim thickness, 0.02 |im 0.04 jam

nominal pore size and a 0.4 mm inner diameter in a shell-and-tube module. The module

consisted of 15 fibres in a plexiglass tube with an effective length of 0.16 m. The different

fibres were not closer than 10 capillary diameters from each other, in order to prevent

interaction between adjacent fibres. The feed, consisting of volatile organic compounds

(VOC), enters the shell side while the tube side is kept under vacuum. As in

pervaporation, the permeate phase is collected in a liquid nitrogen condensation trap. The

mass flux (N) through the membrane is

N = KmjMAP (2.44)

where A*m is the membrane permeability, M is the molecular mass of the diffusing species

and AP is the vapour pressure difference across the membrane.

Fig. 2.6 Vacuum enhanced membrane
distillation.
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The assumption was made that because of the low pressure on the downstream side, all

the temperature, concentration and vapour pressure differences between the membrane

surface and the bulk gaseous phase are negligible.

The heat transfer and mass transfer in the bulk fluid and the heat transfer through the

membrane was the same as that of direct contact membrane distillation and air gap

membrane distillation. The interfacial temperature and concentration were determined by

the bulk temperature and bulk concentration, as well as the temperature and concentration

polarisation. The same mass transfer and heat transfer correlations can be used as in the

abovementioned two processes depending on the configuration thereof.

Sarti et al (1993) found that fairly high transmembrane fluxes were obtained even though

the operating temperatures were relatively low and downstream pressures relatively high.

The total pressure difference between the liquid-membrane interface and the gaseous

phase gives rise to permeate fluxes much larger than those in any membrane distillation or

pervaporation process. This is because the maximum driving force is applied and the

membrane used is porous compared with the dense membrane used in pervaporation,

resulting into a higher membrane permeability (Sarti et a/., 1993).

2.2 Transport Inefficiencies

2.2.1 Temperature Polarisation

Since there is a heat flux in membrane distillation, it is obvious that thermal gradients

would exist in the bulk fluids. This leads to the phenomenon that the temperature

difference across the diffusion path is smaller than the temperature difference between the

bulk liquids (see fig. 2.3). This phenomenon is known as temperature polarisation. The

unavoidable presence of temperature polarisation causes the bulk temperatures (7/ and

T<) to have lower effective interface temperatures, which reduce the vapour transport

through the membrane.
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According to eqn. (2.22), the overall heat transfer coefficient through the membrane (H)

increases with increase in the average temperature of the membrane (7*M), and

consequently the temperature polarisation coefficient (TPC or r) as indicated by eqn.

(2.46) will decrease, having a negative effect on the overall flux. Schofield et al. (1987)

found that by not taking temperature polarisation into account, the mass transfer driving

force was overestimated by 60 %, which in turn led to a 40 % underestimation in

experimental transmembrane mass flux.

Ortiz de Zarate et al. (1993) investigated the effect of stirring speed on the temperature

polarisation of a porous, hydrophobic membrane based on the direct contaa membrane

distillation principle. It was found that by extrapolating the stirring rate from a low rate to

an infinite stirring rate, temperature polarisation could cause a reduction in the mass

transport of up to 58 %.

To quantify temperature polarisation, consider the representation of heat flows in fig. 2.3.

For the heat transfer in direct contact membrane distillation to and from the membrane

surface, we have

2 - W - r , ) «=*.(*",-r.) (2.45)

where h, and h0 are the heat transfer coefficients of the hot and cold fluids respectively.

From (2.21) and (2.45),

(246)

Temperature polarisation for direa contaa membrane distillation can be described by the

following equation:

r = TTF <2 '47>
l
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where 7/ and T, are the bulk temperatures of the brine solution and the cooling water

respectively, and 7j and 7j are the temperatures of membrane surface at the brine side and

the coolant side, respectively. Ideally, T should be as close to unity as possible, but

Schofield et al. (1987) found that in many cases this value was closer to zero. Since

membrane distillation is limited by heat transfer, and temperature polarisation is coupled to

heat transfer, the understanding of temperature polarisation is of vital importance,

especially in the design of membrane distillation modules and the understanding of

membrane distillation data. Temperature polarisation should thus be incorporated in the

heat and mass transfer of all membrane distillation processes (Schofield et aly 1987).

Temperature polarisation may be reduced by increasing the film heat transfer coefficients

as indicated by eqn. (2.46). This can be done by increasing the velocity of the liquid

across the membrane surface. It can also be improved further by including turbulence

promoters or by decreasing the flow channel heights (Fane et at., 1987). -

2.2.2 Concentration Polarisation

The purpose of any membrane process is the separation of one or more components from

a solution. The permeation rate of the solute will be negligible compared with that of the

solvent. This will lead to an accumulation of solute at the membrane surface, that is, a

concentration increase. A diffusive back flow of solute (Ddc/dz) towards the bulk

solution will occur (fig. 2.7), which eventually will be balanced by the solute build-up (Jc)

and the solute which passed through the membrane (Jcf), that is, steady state conditions

will prevail.

dc
(2.48)

c-

Cj a t ;

c3z\z

- 0

i t
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Integrating the eqn. (2.48) by using the abovementioned boundary conditions and by

assuming that the solute is completely retained by the membrane (Le. Jce = 0), the

following equation is obtained (Feng et a/., 1994; Kurokawa et ai, 1990; Mulder, 1991): •

= k\n— (2.49)

where c, and c2 are the concentrations of the solute in the bulk and at the membrane

surface, respectively, and J is the flux.

This increase in solute concentration will decrease the vapour pressure of the solution, and

since the transmembrane vapour pressure difference is the driving force in membrane

distillation, this concentration build-up at the membrane surface will decrease the mass

flux; this phenomenon is known as concentration polarisation (Mulder, 1991).

Conceotiucn
Boundary layer

Membrane

Permeate

Feed

J.c
c,

J.c

Equation (2.49) indicates the importance of

the flux (J) and of the mass transfer

coefficient (k) on concentration polarisation.

This shows that the flux for pure water can

be determined for a specific membrane, and

that this value is not subject to change. The

mass transfer coefficient (£), on the contrary,

depends on the hydrodynamics of the system
Fig. 2.7 A schematic of concentrationpolarisation.

and this value can be varied to optimise the

membrane system. The mass transfer coefficient is related to the Sherwood number

kd
--*
D

(2.50)

where a, bt c are constants, Re is the Reynolds number, and Sc is the Schmidt number.

pudh
Re = (2.51)
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where dn is the characteristic length, p is the liquid density, u is the linear flow velocity

and rj is the dynamic viscosity.

Sc = 4 " (2-52>
Dp

where D is the diffusion coefficient.

It can be seen from eqns. (2.50)-(2.52) that for a given module k-f(n,X^. Mulder also

stated that concentration polarisation can be reduced by manipulating k and the mass flux

(N). Since the numerical value for the diffusion coefficient is fixed at a constant

temperature, the mass transfer coefficient (k) can be manipulated only by changing the

linear velocity of the fluid. As with temperature polarisation, concentration polarisation

can be decreased by increasing the flow into the turbulent region by means of turbulence

promoters, breaking the boundary layer by using corrugated membranes or by decreasing

the flow channel height (Mulder, 1991).

Currently, the resistance-in-series model is used mainly to describe concentration

polarisation in membrane separation processes. According to the model the overall mass

transfer resistance is the sum of the mass transfer resistances through the concentration

boundary layer, membrane and the air gap. Feng et at. (1994) ascertained that the

resistance-in-series model is applicable only to the more permeable species, that is, species

whose concentration gradient in the boundary layer is in the same direction as the mass

transfer. Because the concentration of the less permeable species is higher at the

membrane surface than in the bulk, this will lead to a negative resistance, which is

unrealistic.

Kurokawa et al, (1990) reported that concentration and temperature polarisation increase

with an increase in concentration as well as an increase in brine temperature. When

Kurokawa et at. (1990) neglected concentration polarisation in the modelling of air gap

membrane distillation, it was found that the values obtained from the model did not
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correlate well with the experimental values, although temperature polarisation had been

included.

Weijun et al (1993) studied the models proposed by Jonsson et al (1985), Kimura et al.

(1987), Schneider et al. (1988) and Schofield et al (1987) for direct contact membrane

distillation and air gap membrane distillation. Unfortunately, none of these researchers

incorporated concentration polarisation into their models, which resulted in incomplete

models and, consequently Weijun et al (1993) did intensive studies on the effect of

concentration polarisation in membrane distillation. Instead of using a brine solution, he

used a CaCl2 solution in a plate-and-frame direct contact membrane distillation module.

He found that for a bulk concentration of 5 % (wt.) CaCl2, the concentration at the

membrane surface was 19 % (wt.) CaCI2 and for a bulk concentration of 20 % (wt.)

CaCl:, the concentration at the membrane surface was 25 % (wt.) CaCl2. In the former

case the mass flux was 10.07 kg/m2.h, while in the latter case this mass flux decreased to

6.68 kg/m'.h. In these experiments the temperature of the CaCl2 solution and the cooling

water were kept constant at 48° C and 25° C, respectively, while the flow rates of the

CaCl: solution and cooling water were, 0.1 m3/h and 0.09 m3/h, respectively.

2.3 Heat Efficiency of Membrane Distillation

The heat efficiency in membrane distillation, £, is defined as the ratio of the evaporation

heat, Qvop, to the total heat supplied by the hot solutions, Q.

(2.54)

Moalin et al (1993) reported that the heat efficiency could be increased by enlarging the

pore diameter, increasing the porosity and lowering the conductivity of the membrane. It

can thus be concluded that the selection of the membrane used in membrane distillation

plays a very important role in the heat efficiency. The heat efficiency also increases with

increasing average temperature {Tm) in the membrane pores and increasing flow rate. To

increase the heat efficiency of the membrane distillation process an air gap can be
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introduced between the membrane and the condensing surface. Kubota et at, (1983)

suggested that the heat efficiency could be increased even more by developing a multi

stage membrane distillation process and a suitable membrane module with high heat

efficiency to maximise the heat efficiency of the whole system,

Hogan et al. (1991) stated that the conduction losses through the membrane increase

approximately linearly with increasing brine temperature. This means that although more

heat is lost by conduction at higher temperatures difference, it is less as a proportion of the

total heat transfer.

In direct contact membrane distillation experiments using a dense, hydrophilic fluoro

carbon membrane, it was found that the flow rates of the brine solution and the cooling

water had little effect on the thermal efficiency of the membrane (Ohta et a/., 1991).

2.4 Solar Radiation as Energy Source

Water is scarcest in those places where sunshine is most abundant. Sunlight has been used

for many years in obtaining drinkable water by distillation from contaminated or brackish

supplies. Many devices of varying complexity have been used for this purpose; one of the

simplest is shown in fig. 2.S.

WMer condoning
on cover pUit CoHcetinf trough

•nd distilled <w*a
outlet^

/

Fig. 2.$ Simple solar still

The unpalatable water is admitted

into the tray at the bottom where

it is heated by the absorption of

solar energy. The base of the tray

is usually blackened to facilitate

this, since water is substantially

transparent to the short

wavelength radiation from the sun. As the temperature mcreases, the motion of the water

molecules become more vigorous and they are able to leave the surface in increasing

numbers. Convection in the air above the surface carries them away and evaporation thus

occurs. The rising air current, laden with moisture, cools on contact with the transparent
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cover plate, the water vapour condenses and runs down into the collector channels at the

edges.

Solar stills have not lived up to their earlier promise of providing cheap desalinated water,

mainly because it has been found to be difficult to produce a cheap enough still of

sufficient reliability and life expectancy. Dispite their costs, solar stills should continue to

find application in remote, arid regions where small water capacities are required (up to 20

mVday(L6f; 1966).

2.5 Summary

In this chapter, the theory and a historical background of membrane distillation was

studied. Models for the four types of membrane distillation were also presented. These

are i) direct contact membrane distillation, ii) air gap membrane distillation, iii) sweeping

gas membrane distillation, and iv) vacuum enhanced membrane distillation. Transport

inefficiencies, such as temperature polarisation and concentration polarisation, was

discussed. Although they were only discussed for direct contact membrane distillation,

they can also be applied to air gap membrane distillation. Heat efficiency, as well as the

use of solar radiation for desalination purposes was investigated. In the following chapter,

the experimental procedures performed for the purposes of this project will be presented.
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CHAPTER 3

EXPERIMENTAL

In this chapter, the experimental procedures that was performed will be presented. The

working and manufacturing of the air gap membrane distillation units will be discussed,

as well as the experimental set-up and the experimental design. Furthermore, the

estimation of the permeability coefficient of the membrane will be determined and the

viability of solar radiation as an energy source for membrane distillation will be

investigated

3.1 Air Gap Membrane Distillation Units

Condensing
surfi

Transparent
cover

The air gap membrane distillation units are

presented in fig. 3.1 and fig. B3 in appendix B.

The membrane used was Skin Line 8183

manufactured by Lainierc de Picardie.

A clear PVC sheet was supported over a black,

radiation absorbent membrane bag, while the

r , , , . ., „„ „ ,. membrane bag was made by using a
Fig. 3. i Air gap membrane distillation unit. ° ' 6

polyurethane-based adhesive (Sikailex) to seal the sides of the membrane together in the

shape of a bag. The membrane was laminated, so that the adhesive was applied to the

lamination to prevent the 12 urn thick membrane from ripping. The membrane bag was

placed inside a PVC bag with a transparent front and an opaque rear. The PVC bag was

made by heat-sealing the PVC sheeting together. A highly porous spacing material was

placed between the membrane bag and the rear of the PVC bag to form an air gap.

Sunlight entered the PVC bag through the transparent cover and heated the water in the
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membrane bag. Since there was a temperature gradient between the water in the bag and

the condensing surface, water vapour is transported from the bulk liquid to the rear of the

PVC bag (fig. 3.1). The vapour condensed on the rear of the bag and the permeate was

collected at the bottom of the system. This unit was tilted at an optimum angle towards

the sun. Unfortunately, it was very difficult with this system to control the process

variables to obtain useful results, and consequently an alternative set-up was designed.

3.2 Air Gap Membrane Distillation Experimental Set-up

The experimental set-up

(fig. 3.2) consisted of an

Air Gap Membrane

Distillation (Air Gap

Membrane Distillation)

module in which a heated

brine solution and cooling

water flowed concurrently

from the bottom to the

top of the module (fig.

B1-B2, appendix D), since

this improved the liquid contact with the membrane. To minimise heat losses to the

atmosphere, the module was manufactured from polypropylene (PP) sheeting five

centimetre (5 cm) thick. Flow channels were machined into the PP sheeting which

resulted in an effective transfer area of 320 cm2. The purpose of these flow channels was

to improve the flow patterns and to minimise dead volume. The air gap was situated

between the membrane and the condensing surface and in order to support the membrane

and vary the width of the air gap, a spacer with a thickness of 1.83 mm was inserted

between the membrane and the condensing surface. The width of the air gap was altered

by changing the number of spacers used, hence the width of the air gap varied in multiples

of 1.83 mm.

Fig. 3.2 Experimental air gap membrane distillation set-up.
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Due to the excellent heat transfer properties of the material, the condensing surface, which

was in contact with cooling water, was made from 1.6 mm stainless steel sheeting.

Thermocouples were used at the water inlet and outlet of the membrane distillation

module and were connected to a Yokogawa multichannel recorder which monitored the

inlet and outlet temperatures of the fluids. A waterbath was used to contain the brine

solution and to regulate the temperature and concentration of the brine solution. The

brine solution was heated and recirculated by means of a pump and the flow rate was

measured with a rotameter. Tap water was used as cooling water. The water vapour

condensed on the condensing surface and flowed downward to the permeate outlet at the

bottom of the module, where h was collected in a glass beaker and weighed continuously.

The scale used was a Sartorius B6100 which was connected to a computer with a serial

cable, and readings were taken every twenty seconds. Afterwards, the quality of the

permeate was determined by measuring the its conductivity.

Before any experiments were done, it was important to determine which variables had a

significant effect on the process.

Six variables had to be investigated : i) temperature of the brine solution (7**), ii)

temperature of the cooling water (T€)t iii) width of the air gap (/»), iv) concentration of the

brine solution (c*), v) flow rate of the brine solution (H»), and vi) flow rate of the cooling

water (t/f). The flow rates were not included as variables in the factorial design, since the

flow rates were not an intrinsic property of membrane distillation, but were rather linked

to the hydrodynamics of the system. Since a boundary layer was present, the mass flux

reached a plateau after certain values in the flow rates were reached, so that the boundary

layer would become insignificant.

The next step was to determine which of the remaining four variables had a significant

effect on the mass flux
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3.2.1 T h e factorial design

A preliminary screening test was done to determine the significance of the set of variables

by using a two-level, four-factor full factorial design.

Factors

A
B
C
D

Variables

1 eoottna wwer

'brine

cb

1:

Levels

297
318

3
1.83

306
331
10

9.15

Units

K
K

% (wt.)
mm

Table 3.1 Factorial design variables and the levels.

Sixteen runs were executed according to the factorial design and after each experiment the

mass of the distillate (response) was monitored. The response was used to evaluate the

significance of each variable to the process.

A

-
-
+
+
+
+
-
-
-
+
+
-
-
-
+
+

B

+
-
-
+
-

+
-
-
-
+
+
+
-
-
+

C

+
+
+
-t-
-
-
-
-
-
-
-
-
+
+
+
+

D

+
+
+
+
+
+
+
+
-
-
-
-
-
-
-
-

Response
Wm2Jil

501
280
140
414
145
498
555
283
391
311
674
801
756
408
166
621

Table 3.2 Experimental runs with responses of the factorial design.

3.2.2 Statistical Interpretation of the Results

The results of the experimental phase of the faaorial design were interpreted by the

statistical software program STATGRAPHICS version 6.0. The independent variables

were denned as the temperature of the brine (7*), temperature of the cooling water (7",),
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concentration of the brine solution (c j and the air gap width (I;), while the dependent

variable was defined as the mass flux (N). It was found that the 1 percent and 5 percent F-

values for (1,5) degrees of freedom are 16.26 and 6.61, respectively. This meant that if a

factor did not have a significant effect on the response, the probability that its calculated

F-statistic would exceed 16.26 was 1 in a 100 (1 %) and the probability that it would be

greater than 6.61 was 1 in 20 (5 %).

Variable
A
B
C
D

AB
AD

F-value
366.61
51.06
6.97
86.84
1.89
10.50

Table 3.3 Analysis of variance.

By comparing the F-values from table 3.3 with the tabulated values supplied by Lochner et

al. (1990), it is concluded that:

• The temperature of the brine, the air gap width and the temperature of the

cooling water had the most significant effect on the response variable;

• The interaction between the temperature of the brine and the air gap affects the

process on the 5 % level as well as the concentration of the feed; interaction

occurred when the effect of one factor was influenced by a variation of another

factor (Lochner et a/., 1990); and

• The interaction between the temperature of the brine feed and the cooling water

had a very small effect on the response.

Consequently, the following experiments were done [see table 3.4 , in which (A) indicates

a change of the variable and (-) indicates no change in the variable, as well as table Al-

A10 in appendix A],
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Tfc

A
-
-
-
A
A

A

-

-
A
-
-
-
-
-
A
-
-

-
-
A
-
A
-
A
-
-
-

-
-
-
A
-
A
A
-
-
-

Ub

-

-

-

-

-

-

-

-

-

A

uc

-
-
-
-
-
-
-
-
A
-

Table 3.4 Experiments conducted.

3.3 Permeability Coefficient of the Membrane

Fig. 3.3 Permeability of the membrane.

coefficient for each diffusing species.

The membrane used was a dense, hydrophilic

membrane so that transport of the water vapour

took place by the sohition-difEiaon process.

According to this mechanism, water vapour

dissolves in the membrane, diffusing through the

membrane, and then desorbed at the opposite side

of the membrane. Equilibrium is reached when the

absorption rate is equal to the desorption rate.

Each membrane has a unique permeability

The permeability of the membrane was determined as follows (fig. 3.3):

The membrane was tied over of the top a cup filled with tap water and the cup was placed

upside down on silica gel in a vacuum oven. This procedure was carried out in a vacuum oven

so that the driving force for evaporation was the vapour pressure of the water at the

temperature of the oven. After 1 h, the cup was weighed and the difference in weight before

and after the experiment indicated the amount of water evaporated. The membrane thickness

was 12 \xax and it was assumed to be constant throughout the experiment, that is, the swelling
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of the membrane has reached equilibrium. The effective transfer area was the circular area of

the cup and from all these data, the penneability coefficient [g.m.m"2.s"I.Pa*t] for the membrane

to water vapour could be determined.

The penneability coefficient could not be determined as a function of concentration due to a

lack of apparatus. It is thus assumed that the diffusion coefficient and the solubility is

independent of concentration.

3.4 Solar Radiation

\ \ » ' '\ l Radiation

\ \ \ I I

Fig. 3.1 Radiation of a black container.

The following experiment was carried out to

determine to what extent sunlight would heat

water in contact with a black surface. The

distillation units had a black surface which was

used to heat the brine solution which had to be

desalinated.

This experiment was conducted (fig. 3.4) with a black polyethylene (PE) container

with a volume of 16 cm3 filled with tap water. This relatively small volume of water

reached equilibrium rapidly. The bottle was left in direct sunlight in February 1995

and the water and atmospheric temperatures were recorded.

3.5 Summary

The manufacturing and working of the air gap membrane distillation units, that will be

used for the purification of contaminated water, was discussed. The experimental set-up

was presented and a factorial design was performed to determine which of the process

variables had a significant effect on the mass flux. The temperature of the brine, air gap

width and the temperature of the cooling water had the most significant effect on the mass

flux. Interaction of the temperature of the brine and the air gap affected the process on a

5 % level The same phenomenon was found for the concentration of the feed.
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The effect of solar radiation on the temperature of water, that was in contact with a

blackened surface, was also investigated.

The permeability coefficient of the membrane was estimated at various temperatures.

Unfoitunately it could not be estimated as a function of temperature and concentration.

This assumption could lead to deviations in the modelling of the process, which will be

discussed in the following chapter.
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CHAPTER 4

MODELLING OF THE TRANSPORT PHENOMENA
IN Am GAP MEMBRANE DISTILLATION

In this chapter, the modelling of the transport phenomena in air gap membrane

distillation will be performed A fundamental model, as well as an empirical model will

be derived. Apart from the modelling of the transfer phenomena, a sensitivity analysis

will be performed, in which different aspects of air gap membrane distillation will be

investigated, such as temperature polarisation, concentration polarisation and the heat

efficiency of air gap membrane distillation.

The modelling of the transport phenomena in AGMD is a complicated process, since the

mass transfer and heat transfer are coupled and must therefore be solved simultaneously.

Figure 4.1 illustrates the principle of AGMD. Heat is required to produce a mass flux

through the membrane and the energy necessary is obtained by heat transfer from the bulk

to the membrane surface.
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4.1 Physical Properties

4.1.1 Physical Properties of
Aqueous NaCl Solution

Fig. 4.1 Air gap membrane distillation.

When a solute (NaCl) is dissolved in water, the

density, viscosity and vapour pressure of the

brine solution differ from the corresponding

properties of pure water. The values obtamed from the models presented by Fabuss

(1980) tend to deviate from experimental results, especially at high temperatures and

concentrations. Since there are data only for concentrations as high as 26 % (wt) NaCl, '
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improved models based on the experimental results supplied by Fabuss were derived using

the software program JANDEL SCIENTIFIC TABLECURVE version 2.14. In order to

obtain physical data for concentrations higher than 26 % (wt.), the data Fabuss supplied

for density and vapour pressure were extrapolated.

The density of a NaCl solution can be expressed in terms of concentration and

temperature (fig. 4.2) as follows:

p-ax +6jC+C(C (4.1)

cx = a4 +bj+cj2

where p = density of the brine solution [kg/m3]

T= temperature [K],

c - molality,

a*, bm = constants for density correlations,

C, dn= constants for density correlations,

**»/»= constants for density correlations.

. -7"

l +ej*

(4-2)

(4.3)

(4.4)

D

2
3
4

a
1.478

0.0986
-9.486

b
-M62xlO*3

-2.64X10-4

1.44x10*'

c
-11942.93
7.53xlO-10

-8.77X10*4

d
-

3.99xlO123

2.666x10-*

e
-
-

-4.05x10'*

f
-
-

2.45x10*"
TabU 4.1 Constants for density correlations.
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The vapour pressure can be

expressed in terms of

concentration and temperature

(fig. 4.3) as follows:

Fig. 4.2 Dependency of density on temperature and concentration of
brine.

ax =exp(a2 (4.6)

where p = vapour pressure of the salt solution [Pa],

a*, bm - constants for vapour pressure correlation,*

c - concentration of the NaCl [kg/m3],

7"= temperature [K].

(4.7)

n
2
3

a.
-29.248
-3349.03

b .
0.159
8.395

c.
-1.69 xlC4

376967

d.
-

-1.58xl0"5

Table 4.2 Constants for vapour pressure correlations.
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Fig -i.3 Dependency of vapour pressure on temperature and
concentration ofbnne.

The viscosity is determined from

the correlation supplied by

Fabuss (fig. 4.4) as follows:

(4.8)

where n = dynamic viscosity [cP]

(4.9)

(4.10)

and

262J7
139.18+(T- 273)

(4.11)

where T = temperature [K].

The ionic strength can be calculated as follows

where n - ionic concentration of the ionic species [g-ion/kg water],

v » valence of the ion.

(4.12)
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A
B

1
3.55xlO'2

-4.75xl(T2

2
2.31xlO'3

1.6x10*

3
•3x10°

-1.94xl<T3

Table 4.3 Constants for viscosity correlations.
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Fig 4.4 Dependency of viscosity on temperature and concentration of
brine (Fabxtss ct al, 1980).

of water can be expressed as

4.L2 Physical
Properties of Water

Physical data supplied by

Incropera et al. (1-990) were used

to derive equations for the

physical properties of water using

the software program JANDEL

SCIENTIFIC TABLECURVE

version 2.14.

The latent heat of evaporation

(4.13)

where T = temperature [K],

Specific heat capacity of water

(4.14)

Specific heat capacity of water vapour

Thermal conductivity of water

(4.15)

(4.16)
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n
1
2
3
4

a
3168.28
45.36
2.13

0.577

b
-2.44

-0.4916
-1.18

1.52x10'*

c
-

2.2U103

2.953
5.81x10"*

d
-

-4.38
-
-

e
-

3.276
-
-

Table 4.4 Constants for physical properties correlations.

(Fabuss, 1980)

4.1.3 Physical Properties of Air

The physical properties of air were supplied by Incropera et al. (1990) and the equation

was also derived using JANDEL SCIENTIFIC TABLECURVE version 2.14.

Thermal conductivity of air (kair)

*-,=3.27xl0-3+7.64x10-'7*

4,2 Transport Phenomena

(4.17)

4.2.1 Mass Transfer in Air Gap Membrane Distillation

Concentration polarisation is an intrinsic part of any membrane separation process.

Concentration polarisation causes a concentration gradient to develop in the boundary

layer because of the retention of NaCl at the membrane surface. Consequently, the

concentration of the water is lower at the membrane surface than in the bulk because the

NaCl concentration increases across the boundary layer. This phenomenon leads to a

decrease in the mass flux, since an increase in NaCl concentration leads to a decrease in

vapour pressure, which decreases the driving force. The resistance-in-series model is used

to determine the mass transfer (Feng et a/., 1990).

Mass transfer is analogous to the heat transfer which permits one to derive the mass

transfer correlations from the heat transfer correlations in equivalent boundary conditions,

and this is done by simply substituting the Nusselt number (Nu) by the Sherwood number



47

(Sh) and the Prandl number (Pr) by the Schmidt number (Sc). For this to be applicable,

the following assumptions must be made:

i) Constant physical properties;

ii) No chemical reactions in the fluid;

iii) No viscous dissipation;

iv) A small rate of mass transfer;

v) No emission or adsorption of radiant energy; and

vi) No pressure, thermal or forced diffusion (Bird et a/., 1960).

The Sherwood number (Sh) is equal to the dimensionless concentration gradient at the

membrane surface, and provides a measure of the mass transfer coefficient at the surface.

The Sherwood number is to the concentration boundary layer what the Nusselt number is

to the thermal boundary layer. The flow of the fluid across the membrane surface can be

regarded as parallel flow over a flat plate, so that the average Sherwood number (Sh) is

Sh-— (4.18)

where hm - average mass transfer coefficient [m/s],

L • length of the membrane parallel to the flow direction [m],

DAa= diffusion coefficient [mVs],

The average Sherwood number for laminar flow can also be expressed as

~Sh = 0.664 Kt^Scm (4.19)

for 0.6 £ 5c £50

where the Reynolds number
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Re = — (4.20)

and the Schmidt number

where p - density of the aqueous NaCl [kg/m3],

u = linear velocity of the brine solution [m/s],

v = kinematic viscosity of the brine solution [m2/s],

H - dynamic viscosity of the brine solution [Pa.s],

DAB= diffusion coefficient of NaCl through water [m3/s],

L - length of the membrane parallel to the flow direction [m].

The diffusion coefficient for sodium chloride through water is temperature dependent and

this leads to

Oim It T

7— (4-22)

where AJ*CI-H2O.298K- 1.9xlO"9m2/s (Incropera etal.f 1990)

For turbulent flow across the membrane surface, the average Sherwood number is

Sh = 0.0296Re4/3 ScV3 (4.23)

for 0.6£Sc<60.

In order to develop a model for a module with a different geometry, different correlations

have to be used to determine the Sherwood number (Sh).

The mass transfer coefficient, K,, can be calculated from eqns. (4.18)-(4.23) (Incropera et

a/., 1990).
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The mass transfer through the concentration boundary layer can be determined from

(Karlssone/a/., 1993)

N = hmM,A(cx-ct) (4.24)

where N= water vapour flux [g/s],

ci, c: - concentration of the water at 1 and 2 (fig- 4.1), respectively [mol/m3],

hm =* average mass transfer coeflScient [m/s],

A/,= molecular mass of water [g/mol],

A = transfer area [m2].

The membrane used was a hydrophilic, non porous membrane which swells by absorbing

water. The term non porous is relatively ambiguous, because pores are present, but only

at molecular level and it can be adequately described by free and swollen volume theory.

The transport of a liquid, gas or vapour can be described by the so-called solution-

diffiision mechanism (Mulder, 1991). The transport mechanism through a dense

membrane, that is, a membrane not possessing microporosity, can be described by the

following steps:

i) Sorption in the active layer from the upstream side;

ii) Molecular diffusion through the swollen membrane;

iii) Desorption from the membrane to the permeate side (Heintz et a/., 1994).

Mulder (1991) reported that the resistance induced by the mass transfer by desorption is

negligible compared with that of sorption or diffusion.

Pm = *>S (4.25)

where P^- Average permeability coefficient [g.m.m'2.s*l.Pa"l]t

S= Solubility [g.m.in'.Pa'1],

/>«= Average difiusrvity [mVs].
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The solubility is a thennodynamic parameter and gives a measure of the amount of

penetrant absorbed into the membrane under equilibrium conditions, whereas the

diffiisivity is a kinetic parameter which indicates how fast the penetrant is transported

through the membrane. The permeability coefficient is defined as the amount of vapour

permeating 1 m2 of a membrane of 1 m thickness in 1 s with a pressure difference of 1 Pa

across the membrane. In concentration dependent systems, the membrane may swell

considerably leading to a change in the diffusive media, so that this in turn will lead to a

change in the concentration in the polymer and a subsequent increase in the diffusion

coefficient (Mulder, 1991). Since the diffusion coefficient is dependent on the

concentration of the water in the membrane, the symbols P*, and D^ are used as averages

across the membrane (Sherwood et al.y 1975). Matsuura (1995) suggested that the

permeate evaporates somewhere between the upstream and downstream side of the

membrane, that is, unlike membrane distillation, the water does not evaporate at the

membrane surface. Since the driving force for pervaporation, like membrane distillation, is

the vapour pressure gradient, Matsuura (1995) suggested an imaginary vapour phase

adjacent to the membrane as a thennodynamic tooL The feed is in equilibrium with the

vapour phase which, in turn, is in equilibrium with the feed side of the membrane. This

assumption is satisfactory, since sorption from a liquid phase and that from a vapour phase

are the same as long as the activity of the sorbate is the same in both cases (Barrie, 1968;

Deng et al.t 1990). Matsuura (1995) also suggested that the vapour pressure across the

membrane is constant from the upstream side to the border of the downstream side, where

the vapour pressure falls discontinuously to the vapour pressure of the permeate.

Conversely, Sheng et al. (1993) proposed that for a hydrophilic membrane used in

pervaporation experiments, the water evaporates at the membrane surface and only vapour

penetrates the membrane, that is, no liquid is present in the membrane. The argument

supporting this phenomenon is that if evaporation occurs in the membrane pore channels,

they would soon be blocked by salt crystals. As a result, the salt concentration in the

permeate would increase steadily and the experiment would only last a few hours. This

phenomenon was not observed.
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By conductbg permeability experiments, the average permeability coefficient of the

membrane for water was determined as a function of temperature (see table 5.2 for

results).

( 4 2 6 )

where

^ (4.27)

and

a =1.197,

A = -1.084.

The flux through the membrane can be expressed as

(4-28)

where />„= average permeability coefficient of water through membrane [g.mm"*s'lPa"1],

p = vapour pressure [Pa],

A = mass transfer area [m2],

// = thickness of the membrane [m] (Mulder, 1991).

The diffusion of the water vapour through the air gap can be approximated as diflusion

through a stagnant layer of air under atmospheric conditions. Furthermore it is also

assumed that the water vapour and air in the air gap are ideal gases, since the operating

pressure and temperature are close to those of atmospheric conditions (Jonsson et ait

1985; Kimura et a/., 1987; Kurokawa et aly 1990). The diflusion coefficient of water

vapour through air can be regarded as concentration independent, since it can be

approximated as a dilute gas system (Sherwood et al.t 1975)
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Equations for the steady state diffusion of only one of the two species in binary mixtures

of ideal gases are supplied by Sherwood et ai (1975).

n pj

l ^ (4*29)

where P - total pressure in the air gap [Pa],

DAB- diffusion coefficient of water vapour through air [m2/s],

R - universal gas constant [J/moLK],

7*= average temperature in the air gap [K],

/;= air gap thickness [m],

PB.U= logarithmic mean pressure of the air in the air gap [Pa],

p:* PJ - vapour pressure of the at 2 and 3 fig. (4.1), respectively [Pa],

A - mass transfer area [m2].

Since the above equation is applied to diffusion at a constant temperature and pressure,

the average temperature and pressure between the two surfaces of the air gap were used

(Sherwood et al.t 1975). The water vapour in the air gap is in contact with the condensed

water, so the assumption is made that the vapour is in equilibrium with the adjacent

condensed water layer. To calculate the vapour pressure of this vapour, the Antoine

equation was used

cfr (430)

where p = vapour pressure [mm Hg],

T~ temperature [K],

A = 18.3036,

5 = 3816.44,

C = -46.13 (Coulson et aiy 1983).

The temperature dependency of the diffusion coefficient of water vapour through air can

be described by the expression (Banat et al.f 1994)
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i-T (4-31)

where Tm** average temperature of the air gap [K] (Banat et al.% 1994),

D298K - diffusion coefficient of water vapour though air (0.26x10"* mVs)

(Incropcraefa/., 1990).

Assuming ideal gas properties for the vapour in the air gap and the vapour adjacent to the

membrane on the upstream side, the vapour pressure and the concentration are related by

£ (4.32)

where p = vapour pressure of the water [Pa],

R ~ universal gas constant [J/moLK],

T- temperature [K] (Coulson et al.f 1990).

By using eqn. (4.32) together with eqn. (4.28) and eqn. (4.29), the driving force can be re-

written in terms of the concentration difFerence so that the mass transfer through the

boundary layer, membrane and the air gap can be calculated by using the resistance-in-

serics model.

4.2.2 Heat Transfer in Air Gap Membrane Distillation

It is assumed that the air gap membrane distillation module is adiabatic, that is, there are

no heat losses to the environment.

The motion of the brine solution over the membrane results in convectrve heat transfer and

consequently a temperature boundary layer forms. Since the temperature of the bulk

differs from that at the membrane surface, there is a change in the enthalpy of the water

that diffuses through the boundary layer. This leads to the following expression:

(4.33)

where Q = heat flux [W],

N** mass flux [g/s],
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A te transfer area [m2],

cpj- specific heat capacity of the brine solution [J/g.K],

h\ - average heat transfer coefficient [W/m3.K],

T;, T2 = temperatures of 1 and 2, respectively (fig. 4.1) [K] (Kimura et a/., 1987).

The convection heat transfer coefficient (hj) depends on the fluid properties (£, /;, p and

cp), the fluid velocity, the length scale and the surface velocity. The Nusselt number,

which is equal to the dimensionless temperature gradient at the surface, provides a

measure of the convection heat transfer at the surface.

— hL
Nu = — (4.34)

*/

where h = convection heat transfer coefficient [W/m2.K],

L = length of the membrane parallel to the flow [m],

k/~ conduction heat transfer coefficient [W/mK].

The motion of the brine solution over the membrane surface can be simplified to that of

parallel flow over a flat plate. Consequently, the average Nusselt number can be

expressed as

Mi = 0.332 Re^Pr" 1 (4.35)

where ReM is the Reynolds number and Pr is the Prandl number. This equation is

applicable if steady, incompressible, laminar flow with constant fluid properties and

negligible viscous dissipation are assumed. Equations (4.34)-(4.35) can be used to

determine the convection heat transfer coefficient (hi).

For turbulent flow, the average Nusselt number can be expressed as follows:

~Nu = 0.0296Re*'s P r w (4.36)

(Incroperae/a/., 1990).
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Since the transport mechanism through the membrane is that of solution-difrusion, water is

absorbed into the membrane. Although the existence of an imaginary layer of vapour

adjacent to the membrane is assumed as Matsuura (1995) suggested to determine the

driving force, water is still absorbed into the membrane and all this water is evaporated

before it is desorped from the membrane. In order to simplify the transport, it is assumed

that only water is absorbed (Le. no solute) and, furthermore, it is also assumed that

evaporation occurs at the average membrane temperature (Tm) of the membrane. For heat

transfer purposes, the process is simplified by taking the diffusion path (x) as a whole and

not the membrane and the air gap separately.

The temperature gradient across the diffusion path results in conduction losses (membrane

and air gap is stagnant) as well as a change in the vapour's enthalpy due to the thermal

gradient. This leads to the following expression for the heat flux through the diffusion

path.

(4.37)

where //-thickness of the membrane [m],

k— width of air gap [m],

cPt~ specie hwt of the water vapour in the membrane [J/g.K],

?i, 7 j " temperatures at 2 and 3 (fig. 4.1), respectively [K],

X = latent heat of evaporation [J/g],

A =• transfer area [m2],

k«/,= thermal conductivity of air [W/m.K] (Kimura et al.t 1987),

kn - thermal conductivity (0.06 W/mK) (Kimura et al9 1987, Schofield et aiy

1987).

The temperature at the surface of the condensate is equal to the saturation temperature of

water vapour at the operating pressure in the air gap. The thickness of the condensate is

assumed to be uniform. Since a temperature gradient is present in the condensate, heat
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will be transferred towards the condensing plate. In order to obtain useful results, the

same assumptions have to be made as those made in section 2.1.3 (Incropera et o/., 1990).

The heat transfer coefficient of the condensed water layer can be determined with an

expression derived by Nusselt

1/4

= 0.943 ^ ^ r e ^ r — (4.38)

where hL = average convection heat transfer coefficient [W/m2.K],

L - length of the membrane parallel to the flow direction [m],

k- conduction heat transfer coefficient [W/m.K],

pi,Pv= density of water in liquid and vapour phases, respectively [kg/m3],

h'/g = modified latent heat [J/g],

/4= dynamic viscosity of water [Pa.s],

T4> T}= temperatures at 4 and 5 (fig. 4.1), respectively [K].

The modified latent heat can be expressed as follows in terms of the Jacob number (Ja)

ti (4.39)

The Jacob number (Ja\ which is the ratio of the sensible heat to the latent energy

absorbed during liquid-vapour phase change, can be expressed as

(4M)
hA

where cp= specific heat capacity of vapour [J/g.K]f

7",= temperatures at the surface of the plate [K],

Tsal= saturation temperature [K],

h/s= latent heat of evaporation [J/g].

All the liquid properties are evaluated at the film temperature 7/ = (7V*T.s)/2 and hjt at the

saturation temperature (7V).
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The heat flux through the condensed liquid layer on the surface of the condensing surface

can be expressed as follows

Q = hLA(T4-T,) (4.41)

where hi m average heat transfer coefficient [W/m2.K],

A = transfer area [m*],

Ti, T5 * temperatures at 4 and 5 (fig. 4.1), respectively [K] (Incropera et al.t 1990;

Kimura et al., 1987).

A sheet of stainless steel was used as a condensing surface and the thermal conductivity

was taken as that of AISI 304 (Incropera et al., 1990). There was once more a thermal

gradient across the condensing surface and since there was no bulk motion, conduction

was the only way by which heat was transported across the stainless steel plate.

fi-yOJ-r.) (4.42)

where ka = thermal conductivity of the stainless steel [W/raK],

d- thickness of the condensing plate [m],

Tjt 7tf=» temperatures of 5 and 6, respectively [K],

TTie data for the thermal conductivity of AISI 304 Stainless Steel were supplied by

Incropera et al. (1990) and the equation was derived by means otJANDEL SCIENTIFIC

TABLECURVEversion 2.14.

km = 3.27X10"1 +7.64xlO*3r (4.43)

The motion of the cooling water with respect to the condensing plate leads to convective

heat transfer from the condensing surface to the bulk fluid. The heat transfer can be

expressed as

G - A ^ C T l - r , ) (4.44)

where /r«= convection heat transfer coefficient [W/ma.K]t

7V, 7V*3 temperatures at 6 and 7 (fig. 4.1), respectively [K].
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The convection heat transfer coefficient in the boundary layer of the cooling water can be

determined in the same way as the coefficient in the brine solution by using eqns. (4.18)-

(4.23)(Kimurae/a/., 1987).

4.3 Solving the Model Equations

Fig. 4.5 Heat transfer in air gap membrane distillation.

As mentioned previously, the heat and mass transfer is coupled in air gap membrane

distillation, so that the equations in section 4.2 and 4.3 have to be solved simultaneously.

This was done by compiling a computer program in TURBO PASCAL version 7

(Appendix C). To simplify the solution of the equations, the heat and mass transfer are

seen as resistances in series and in parallel (fig. 4.5 and fig. 4.6), due to the analogy

between heat and mass transfer and electricity.

To solve the equations,

initial conditions were

specified and an iterative

process was used to solve

the equations for the resistances. These initial conditions were used to determine the

magnitude of the resistances as well as the heat and mass fluxes. By using these results

the temperatures were determined, and this iteration process was repeated until the

different temperatures converged.

As mentioned before, the resistance-in-series model was used to solve the mass transfer

phenomena (fig. 4.6). Since two phases were present, that is, liquid and vapour, the mass

transfer driving force was expressed as a concentration difference, instead of a vapour

pressure difference. Hie water vapour was regarded as an ideal gas, so that the ideal gas

Fig 4.6 Mass transfer in air gap membrane distillation.
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law could be used to convert the vapour pressure to concentration. To determine the

concentration of the water at the membrane surface, the two-film theory (Coulson et a/.,

1990, Sherwood et al.f 1975) was used. This theory is based on the fact that-the

resistances adjacent to the interface can be added together and the interface induces no

additional resistance to mass transfer. According to this theory, material is transferred in

the bulk of the phases by convection currents and it also assumes that the phases are in

equilibrium at the interface.

From fig. 4.7 the following equations can be derived

for the mass flux (N).

Fig 4.7 Schematic representation of the two
film theory.

(4.45)

where &*/, ft*:, ft*j are the mass transfer resistances for the concentration boundary layer,

membrane and the air gap, respectively, while c; and C;t are the concentrations of the

water in the bulk, and at the interface, respectively. 'The vapour concentrations c;; and c4

are the concentrations at the interface and at the condensing surface, respectively. The

two phases considered are the liquid and the air gap/membrane composite. The

concentration at the membrane surface can be determined from eqn. (4.45). Although

there are two unknown variables, c2t and Ca, it is known that the vapour pressure at the

interface is a function of the concentration of the water at the interface. With this in mind,

the vapour pressure, the concentration of the vapour, and consequently the concentration

of the water at the interface can be determined.
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4.3.1 Correlation between Predicted and Experimental Results

If two sets of data change in a related way, they are said to be correlated. The correlation

coefficient (r), used to determine the degree of correlation, can be expressed as

r = (4.46)

This correlation coefficient is the ratio of the covariance of x and y to the square root of

the product of the variance of x and the variance ofy (Johnson et <J/., 1964).

4.4 Empirical Modelling

Empirical modelling was performed by linear regression on the experimental results by

using the software program QUATTRO PRO for WINDOWS version 5. Not all of the

experimental data were used for this purpose, since some of the data had to be set aside to

test the validity of the model The empirical modelling was executed on a trial-and-error

basis until the best tit was obtained.

fx -

ft -gT;

> +c/2 k +fut

,-1925.02

(4.47)

(4.48)

(4.49)

(4.50)

a
b
c
d
e
f
g

198.65
-194.34
469.03
-23.10
12535
45019
-0.528

h
i
j
k
1
m
n

0.198
-107453
-4380535
-0.330
0.666
0.333
-1.512

Table 4.3 Empirical modelling constants.
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4.4 Sensitivity Analysis

4.4.1 Temperature Polarisation

Figure 4.8 shows that temperature polarisation becomes more significant as the

temperature of the brine solution increases. Furthermore, the temperature polarisation

coefficient tends to become constant at higher temperatures. Since the mass and heat

transfer in air gap membrane distillation is represented as resistances in series and parallel

(fig. 4.5-4.6), table A32 indicates that the heat transfer resistance induced by the

evaporation process (R:s) is the most important resistance in determining the effective heat

transfer resistance across the diffusion path. The heat transfer resistances induced by the

diffusion path (R;t) is the rate determining resistance in heat transfer. When the

temperature of the brine solution increases, the magnitude of the heat transfer resistance

(fig. 4.36) through the diffusion path (/?*,) tends to a plateau, which leads to the same

phenomena in the temperature polarisation coefficient.

The temperature polarisation coefficient decreases as the temperature of the cooling water

increases (fig. 4.9). Once again, as in the case of a variation in the temperature of the

brine solution, the dominating heat transfer resistance is the resistance induced by the

diffusion path {R:t) (fig. 4.37).

Figure 4.10 shows that the concentration of the brine feed has a negligible effect on the

temperature polarisation coefficient. A variation in the concentration of the brine solution

has a negligible effect on the heat transfer resistances (fig. 4.38).

The presence of the air gap leads to an improved temperature polarisation coefficient (fig.

4.11). Once again, the heat transfer resistance induced by the diffusion path is the rate

determining step in the heat transfer (fig. 4.39). Although the heat transfer resistance

induced by the evaporation process determines the effective resistance, there is a large

increase in the resistance due to conduction through the air gap (table A35).
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When the membrane thickness increases, there is an increase in the temperature

polarisation coefficient (fig. 4.12). A change in membrane thickness mainly affects the

resistance induced by the difiEusion path, since the diffusion path consists of the air gap as

well as the membrane (fig. 4.40).

Increase in the linear velocity of the brine feed leads to an improved temperature

polarisation coefficient (fig. 4.13). The flow rate mainly affects the heat transfer resistance

across the boundary layer at the upstream side of the membrane (/?/,) (fig. 4.41).

Although there is also variation in the heat transfer resistance of the diffusion path, the

former has a more significant effect on the total heat transfer resistance. At a Reynolds

number of about 2400 there is a radical change in the magnitude of the temperature

polarisation coefficient due to the transition from laminar to turbulent flow.

Similar trends are observed for a variation in the linear velocity of the cooling water (fig.

4.14). The variation of the linear velocity of the cooling water affects mainly heat transfer

resistance across the boundary layer in the cooling water (Rj) (fig. 4.42).

The heat transfer resistances are presented in tables A31-A40.

4.4.2 Concentration Polarisation
As can be expected from the theory of concentration polarisation, the concentration of the

salt at the membrane surface increases as the bulk concentration increases (fig. 4.17),

which leads to a loss in driving force and hence a reduction in mass flux (fig. 4.31). Figure

4.15 shows that the concentration at the surface of the membrane is further affected by the

temperature of the brine solution, although the concentration in the bulk is constant. This

emphasises the coupling between the heat and mass transfer in membrane distillation.

When the temperature of the cooling water is decreased, there is an increase in

concentration at the membrane surface (fig. 4.16).

An increase in the air gap width causes a drop in the concentration of the salt at the

membrane surface (fig. 4.18). Although the driving force will increase as the salt

concentration at the surface decreases, the mass transfer resistance (table A25) induced by
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the air gap will have such a large effect on the mass flax that the increase in driving force

will be completely dominated, which will lead to a decrease in mass flux as the air gap

width increases (fig. 4.32).

Similar trends were observed when the membrane thickness was changed (fig. 4.19). The

same arguments can be used to explain this phenomenon that was also used to explain a

variation in air gap width.

As is to be expected, the concentration at the surface of the membrane will decrease

significantly if the linear velocity of the brine solution is increased (fig. 4.20), while an

increase in velocity of the cooling water will increase the concentration at the membrane

surface (fig. 4.21).

4.4.3 Heat Flux in Air Gap Membrane Distillation

Figures 4.29, 4.30, 4.32 and 4.33 show that when the temperature of the brine solution,

temperature of the cooling water, air gap width or membrane thickness is varied, the heat

and mass fluxes show the same trends, that is an increase in the heat flux will produce a

larger mass flux. As the concentration of the brine feed changes from 0 % (wt.) to 26 %

(wt.), the heat flux decreases from 33.9 W to 33.4 W (fig. 4.31). This decrease is

negligible and the heat flux can therefore be regarded as constant.

The heat transfer resistances decrease with an increasing brine temperature (fig. 4.36), that

is, the overall heat transfer coefficient increases. When the temperature of the cooling

water is varied, both the heat transfer resistances induced by diffusion path (/?;,), as well

the heat transfer resistance induced by the boundary layer at the cooling water side (Rs)

play an important role in the heat transfer (fig. 4.37).

The decrease in the heat flux as the air gap width increases can be attributed to the

increasing heat transfer resistance across the diffusion path (R;t) (fig. 4.39). When the

concentration of the brine solution is varied, the change of the heat flux is negligible (fig.

4.31). There is a change in the heat transfer resistance of the boundary layer at the
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upstream side (table A34), but this change has a negligible effect on the overall heat

transfer resistance.

When the flow rates of the brine solution and the cooling water are varied (fig. 4.34-4.35),

the heat transfer resistance in the relevant boundary and the diffusion path change (fig.

4.41-4.42), which leads to the corresponding change in the heat flux.

4.4.4. Heat Efficiency in Air Gap Membrane Distillation

An increase in the temperature of the brine solution leads to improved heat efficiency (fig.

4.22), since the increase in the heat of evaporation is greater than the conduction losses.

As in the case of temperature polarisation, the heat efficiency tends to a constant value at

high temperatures. This can also be attributed to the heat transfer resistance induced by

the diffusion path (R:i) which tends to a constant value at high temperatures (fig. 4.36).

On the other hand, the heat efficiency decreases as the temperature of the cooling water

decreases (fig. 4.23), that is for an increasing temperature difference between the feed and

cooling water. The heat efficiency increases for an increasing temperature difference if the

brine temperature is varied, while the opposite occurs if the cooling water temperature is

changed.

For an increase in feed concentration there is negligible change in the heat efficiency (fig.

4.24). As the concentration increases, there is negligible change in the heat transfer

resistances (fig. 4.38), which produces the constant heat efficiency.

Although the air gap produces a lower mass flux, the heat efficiency improves with an

increasing air gap width (fig. 4.25). The air gap reduces the ratio of conduction losses to

total heat flux. A similar trend is observed for a change in the membrane thickness (fig.

4.26).

The heat efficiency increases as the flow rate of the brine solution increases (fig. 4.27).

Although the heat efficiency increases, the conduction heat losses also increase with higher
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flow rates (table Al 8). At a Reynolds number of 2400 there is a sudden change in heat

efficiency, which can be attributed to the transition from laminar flow to turbulent flow.

The heat efficiency decreases as the linear velocity of the cooling water increases (fig.

4.28). As with the brine solution, the heat losses due to conduction increase with flow

rate, but unfortunately the evaporative heat transfer does not change at the same rate

(table A19).

4.5 Summary

A fundamental model and empirical model was derived for the transport phenomena in air

gap membrane distillation. Due to a lack of apparatus, the assumption had to be made

that the permeability coefficient was independent of the concentration of water in the

membrane. The diffusion coefficient (D) and the solubility (5) was thus assumed to be

independent of the concentration of the permeating species. The permeability coefficient

was evaluated when the solubility (£) had reached equilibrium. Due to a lack of physical

data, the density and vapour pressure of the brine solution had to be extrapolated for

values above 26 % (wt.) NaCL These assumptions could have a negative affect on the

accuracy of the fundamental modeL Furthermore, the presence of NaCl could also affect

the solubility of water in the membrane. Apart from determining the mass flux, the

fundamental model also estimated the heat flux through air gap membrane distillation.

The sensitivity analysis did an in-depth study on aspects such as temperature polarisation,

concentration polarisation and heat efficiency.

The model can be extended to modules of different geometries, although changes will

have to be made to the fundamental modeL One of the most important changes will be the

correlations used to determine the transfer coefficients through the bulk fluids.

In the following chapter, the results obtained from the experimental procedures will be

discussed.
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Fig. 4.8 Temperature polarisation as the brine temperature is varied at various air gap widths.
(Tt-291 K,ck-3%(wt.),l, "24 fan, u* - 0.03 ms, u< - 0.0026 ms)
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Fig 4.9 Temperature polarisation as the cooling 'water temperature is varied at various air gap widths.
(T>-331K.a-3K (wt.). lt -24 ym. «* - 0.05 m/s. ut - 0.0026 m/s)



67

U
cu
H

0.65

0.63 -•

0.61 • •

0.59 -•

0.57 -

0.55 U H r

0 2 4 6 8 10 12 14 16 18 20 22 24 26
Concentration of brine solution [K]

Fig 4.10 Temperature polarisation coefficient as the concentration of the bnne feed is changed.
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Fig 4.11 Temperature polarisation coefficient as the air gap width changes.
- 331 KtT,-291K.tl-24fm,ct-3M (>«.), u» - 0.03 m/s. u, - 0.0026 m/s)
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Fig 4.12 Temperature polarisation coefficient as the membrane thickness is changed.
(Ik - 331 A*. L - 291 K. I; - 1.83 mm, o - 3% (wt.). u* - 0.03 nvs. ut - 0.0026 m.s)
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Fig 4.13 Temperature polarisation coefficient as the Reynolds number of the brine feed is changed.
(Tk - 331. T, - 291 Kit-24 micron, h - 1.83 mm.c>-3K fWrJ, it, - 0.0026 m/s)
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Fig 4.14 Temperature polarisation coefficient as the Reynolds number of the cooling water is changed.
(Tk - 331, Tt - 291 K, 1, - 24 micron, h - 1.83 mm,Ci-3H fwt.), u» - 0.03 m/s)
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Fig. 4.13 Concentration at the membrane surface as the temperature of the brine feed is changed.
(T. - 291K. ci - 3 H (wt.), lt - 24pn, ti» - 0.03 m/s. v, - 0.0026 m/s)
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Fig 4.16 Concentration at the membrane surface as the temperature of tht cooling water is changed,
fa - 331 K, c»- 3 9i(wt.), Ii - 24 ym, u« - 0.03 nvs, ut - 0.00226 m s)
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Fig 4.17 Concentration at tht membrane surface as the concentration of the bnnefeed changes.
(T* - 331K, T, - 291.1, - 24ym, l2 - 1.83 mm. 14 - 0.03 m/s, ut - 0.00226 m/s)



71

Air gap width [mm]

Fig 4.18 Concentration at the membrane surface as the air gap width changes. .
(T> - 331 K. Tt -291.1, - 24 fm,a- 3H Ml. u» - 0.03 ms. u, - 0.00226 ms)

Membrane thickness [micron]

Fig 4.19 Concentration at the membrane surface as the membrane thickness changes.
(Th - 331K. T, - 291. c i - J H (wt.)t h - 1.83 mm. u* - 0.03 m/s, u, - 0.00226 m/s)
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Fig. 4.20 Concentration at the membrane surface as the Reynolds number of the bnnefeed changes.
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Fig. 4.21 Concentration at the membrane surface as the Reynolds number of the cooling water changes.
(T% - 331K, T, - 291, a-3K (wt.)t 1, - 24 fan, h - US mm. u* - 0.03 m/s)
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Fig 4.22 Heat efficiency as the temperature of the brine feed is changed at various air gap widths.
(T,-291K,ck-3%(wt.), 1, -24pm, u» - 0.03nvs. ut - 0.00226 ms)
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Fig 4.23 Heat efficiency as the temperature of the cooling water is changed at various air gap widths.
(Ti -33IK.CI-3H (wt.), 1, - 24pn, u» - 0.03 m/s. u, - 0.00226 m/s)
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Fig 4.24 Heat efficiency as the concentration of the bnne feed is changed.
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Fig 4.25 Heat efficiency as the air gap width is changed.
-331 KT,-291 K. h-24}im,ci-3K(wt.). «* -0.03m/s. u, -0.00226m/s)
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Fig 4.26 Heat efficiency as the membrane thickness is changed
(Th - 331 K, T, - 291 A*, o - 3 H (wt.). h - 1.83 mm, ut - 0.03 ms. ut - 0.00226 m's)
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Fig 4.27 Heat efficiency as the Reynolds number of the bnnefeed is changed.
fT» - 331 K.T.- 291 Kh'24pm, c»- 3 H (**.), h - 1S3 mm, u, - 0.00226 m/s)
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Reynolds number (cooling water)

Fig 4.28 Heat efficiency as the Reynolds number of the cooling water u changed.
(Tk - 331 K, rf - 291 K. // -24/M, e» - 3H (wt), 1; - 1.83 mm, u> - 0.03 ms)
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Fig. 4.29 Mass and heat flux as the temperature of the brine feed changes.
(T,-291K.ct-3H (wt.), h - 24 fjm. h -1.83 mm, uk - 0.03 m/s, ut - 0.00226 m/s)
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Fig. 4,30 Mass and heat/lux as the temperature of the cooling water changes.
(Tk-33lKci-3K (wt.), I, - 24 pn, I; - 1.83 mm. u» - 0.03 nvs. u, - 0.00226 m's)
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Fig. 4.31 Mass and heat flux as the concentration of the feed changes.
331K. T.-29IK.CI-3X (wt.), h - 24 pn. h - IBS mm, u> - 0.03 mfs. u, - 0.00226 m/s)
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Fig. 4.32 Mass and heat flux as the air gap width changes.
- 331 K, 7", - 291 K, 1, -24 ym,a-3% (wt.), u* - 0.03 m/s, ut - 0.00226 ms)
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Fig. 4.33 Mass and heat /lux as the membrane thickness changes.
(T> -331 K.T,-291K.Ch-3K(wt.).h-1.83mm, u> -0.03m/s. ut -0.00226m/s)
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Reynolds number (brine feed)

Fig. 4.54 Mass and heat flux as the Reynolds number (brine feed) changes.
- 331 KTt-29JKth-24fm,e%'3H (wt.). l3 - 183 mm. u, - 0.00226 m/s)
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Fig. 4.33 Mass and heat flux as the Reynolds mimber (cooling water) changes.
- 331 KTt~ 291 K.U-24 micron. o - J M (wt.). h - U3 mm,u>- 0,03 m/s)
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Fig. 4.36 Htat transfer resistances as the temperature of the brine solution changes.
(T, - 291 K. c% - 3 H (wt.). U -24fjm. l3 - 1.83 mm, 14 -0.03 m/s. ut - 0.00226 m/s)
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Fig. 4.37 Heat transfer resistances as the temperature of the cooling water changes.
(T>-331K.ci-3M (wt.), h - 24 tan, h - L83 mm, 14 - 0.03 m/s. u, - 0.00226 m/s)
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Fig. 4.38 Heat transfer resistances as the concentration of the brine solution changes.
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Fig. 4.39 Heat transfer resistances as the air gap width changes.
(T>-331K,T,-291Ka-3H (wt.), ti-24pm,tn- 0.03 m/s, u, - 0.00226 m/s)



82

CO

o
0.8 •

0.6 -

<

S0.2

K 0

R2l

.RJ

-Rlt

R3R4

10 20 30 40 50 60 70 80
Membrane thickness [micron]
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Fig. 4.41 Heat transfer resistance as the Reynolds numberfbrine) changes.
- 331 K.T.-291K.Ci-3% (wt.), /, - 24 pm. h - 1.83 mm, u, - 0.00226 m/s)
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Reynolds number (cooling water)

Fig. 4.42 Heat transfer resistances as the Reynolds number (cooling water) changes.
(Tk "331 KT,-291 K.CI-3H (wt,), I, - 24 fm, 13 - 1.83 mm. uh - 0.03 m/s)
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CHAPTER 5

DISCUSSION OF RESULTS

In this chapter the results obtained from the experimental procedures will be discussed

The fundamental model and the empirical model will also be evaluated

The results of the experiments and the figures used for the subsequent discussion are

presented in figs. 5.1-5.27.

5.1 Temperature Variation Experiments

There is an exponential relationship between the mass fhix and the temperature of the

brine feed (fig. 5.5-5.7). The driving force in membrane distillation is the vapour pressure

difference across the diffusion path and since there is an exponential relationship between

vapour pressure and temperature of a brine solution (Fabuss, 19S0), a approximately

linear relation should exist between the vapour pressure and the mass flux (fig. 5.4). This

means that the mass flux (N) is proportional to the vapour pressure difference (AP)

N = KAP (5.1)
p.

where Khz proportionality coefficient which expresses the permeation rate. According

to the mass transfer theory in membrane distillation, the magnitude of K is a function of

the physical nature of the permeating species, the turbulence conditions of the feed flow,

the operating temperature and pressure of the feed side of the membrane, the membrane

structure properties and the width of the air gap. The gradient of fig. 5.4 is the combined

mass transfer resistances of the membrane and the air gap, since the driving force is the

vapour pressure difference across the diffusion path. Figure 5.4 shows that the

relationship is not perfectly linear, since the proportionality coefficient is not constant for a

variation in the temperature of the brine feed. Table A22 and A23 elucidate this
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phenomenon, since the mass transfer resistance induced by the membrane and air gap is

temperature dependent

The exponential trend is still dominant for the mass flux as the temperature of the brine

solution changes, even though feeds at various concentrations are used (fig. 5.5-5.7).

For a variation in the cooling water temperature (fig. 5.8), the mass flux follows the same

trend as for a variation in the brine temperature, that is, an exponential increase, but the

magnitude of the mass flux does not change as rapidly when the temperature of the

cooling water is varied as when the temperature of the brine sohition is changed by the

same increment. Once again, the change in the mass flux can be attributed to the vapour

pressure difference across the diffusion path. A 5°C increase in an aqueous solution at

50°C produces a larger increase in vapour pressure than a 5°C increase at 20°C. The rate

of evaporation increases if the temperature of the brine feed is increased, even if the

temperature difference between the brine solution and the cooling water is constant (fig.

5.9).

5.2 Feed Concentration Experiments

The mass flux decreases with an increase in feed concentration (fig. 5.14-5.19) and, as

mentioned previously, this decrease is caused by concentration polarisation. Ban at et al.

(1994) suggested that this reduction in mass flux can also be attributed partially to the salt

effects (precipitation on the membrane), and a variation of the concentration of the feed

also influences the temperature polarisation coefficient (TPC) (fig. 4.10). Because of the

concentration gradient across the boundary layer, the concentration of the Na+ and the Cl*

in the bulk is lower than that at the membrane surface (fig. 4.17). Since the vapour

pressure of the aqueous brine solution depends on the temperature as well as on the

concentration of the sohition (Fabuss, 1980), the vapour pressure at the membrane surface

is lower than the maximum vapour pressure and there is a loss in the driving force if the

concentration of the feed rises. The mass flux decay at higher concentrations can also
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possibly be attributed to the increase in solution viscosity. The rise in the solution

viscosity can also affect the linear velocity of the brine, which can decrease the mass flux.

The concentration at the membrane surface depends mainly on the concentration of the

feed (fig. 4.17), the temperature of the feed (fig. 4.15) and on the hydrodynamic

conditions of the feed (fig. 4.20). Ideally, the concentration of the salt at the membrane

surface should be as close as possible to the concentration of the bulk so that the driving

force will be maximised for a higher permeation rate.

Loss in driving force

7200
2 4 6 S 10 12 14 16 18 20 22 24 26

Bulk concentration (% Nad (wt)l

Fig S. 1 Loss in driving fore* by concentration polarisation
(Tk - 331 K, T, - 291K. // - 1.83 mm. «» - 0.03 m/s. u, -
0.0026 m/s).

(fig. 5.15-5.19).

If the salt content is increased from 2 %

to 10 %, the vapour pressure difference

across the diffusion path will decrease by

4.4 % and a change from 2 % to 20 %

wffl lead to a loss of 11.8 % (fig. 5.1).

The effect of concentration polarisation

on the mass flux is not as significant as

that of temperature polarisation (fig. 4.8-

4.14). The trend for the change in mass

flux as the concentration changes stays

the same even at different air gap widths

5.3 Experiments on the Diffusion Path

5.3.1 Air Gap Experiments

As mentioned previously, the air gap was introduced to membrane distillation to minimise

the conduction heat losses. By enlarging the air gap width, the mass flux decreases (fig.

5.10-5.13), since the water vapour has to diffuse through a thicker layer of air, increasing

the resistance against mass transfer (table A25). This is why sweeping gas membrane
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distillation gives a higher flux than air gap membrane distillation, since the vapour is

removed as soon as it leaves the membrane, so that it does not have to diffuse through a

layer of air.

5.3.2 Membrane Thickness

The membrane used had a thickness of only 12 micron, and imperfections occurred

because of membrane handling, which produced a product of poor quality. Unfortunately

thicker membranes were unobtainable, so the membrane thickness was increased by

doubling the membrane. This had the disadvantage that air pockets could be present

between the membranes, which could affect the mass flux. The thicker membranes

improved the permeate quality considerably (table 5.1), since it was difficult for impurities

to pass through the membranes as the probability that two holes would be aligned was

low.

12 nm
24 Mm

Mass flux
(Experimental)

[R.m-1.hIl
826.7
620.8

Mass flux
(Fundamental)

[s.nV'.h1!
821.5
625.8

Permeate
quality
US/cm
12430

30
Table 3. 1 Effect of membrane width on the permeationflux and the product quality,

(th - 323 KtT,-289Ktc-3H (wt.)t I3-3.2 mm. u* - 0.024 m/s, ut - 0.0026 m/s).

According to the solution-diffusion theory, the flux is inversely proportional to the

thickness of the membrane (N a 1/r), so that it is expected that the flux will increase by

the same factor as that by which the membrane thickness is reduced. This, however, is not

the case, since the mass transfer resistance induced by the membrane is only part of the

total resistance against mass transfer. The total mass transfer resistance consists of the

mass transfer resistances induced by the membrane, air gap and the concentration

boundary layer (see eqn. (4.23), (4.27) and (4.28)), so that by changing the membrane

thickness the total resistance is affected, but it is not affected proportionally to the

variation in the thickness of the membrane.

From the fundamental model it was found that the mass transfer resistance induced by the

membrane had a local mmiimim at a brine temperature of approximately 320 K.
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Furthermore it was observed that the mass transfer resistance induced by the membrane

was larger than the resistance induced by the air gap (fig. 3.23).

From fig. 5.24 it is seen that the permeation of water through the membrane increased as

the temperature of the water increased, as the water had a higher enthalpy, so that more

heat was available for the evaporation process. The permeation rate is defined as the mass

(g) of water that permeates a membrane of lm2 in Is. The permeability coefficient is

defined as the mass (g) of water that permeates a membrane of 1 m2 and width of 1 m in

Is and the pressure drop across the membrane is 1 Pa.

Time

M
2711
181

6059
6500
5714

Mass/time

fe/sl
1.39X10"4

2.23x10"*
3.27x10"*
6.27x10"*
7.92X10"4

Temperature
of water

fKl
307.5
315
320
331
337

Vapour
pressure

rPa]
5403
8119
10521
18020
23756

Permeability
coefficients

[g.m.m"1.s"l.Pa"ll
8.12xl0*i0

8.67xlO'10

9.81xlO-'°
l.lOxlO*10

1.05xl010

Tablt 5.2 Results for thepermeation experiments on the membrane.

By using the software program JANDEL SCIENTIFIC TABLECURVE version 2.14, eqns.

(4.25)-(4.26) could be derived from the results in table 5.2.

Because of the exponential relationship between vapour pressure and temperature, a local

maximum was expected for the permeability coefficient (fig. 5.24). The behaviour of the

permeability coefficient explained the trend of the membrane resistance, since the

resistance was inversely proportional to the permeability coefficient, so that that the local

maximum of the permeability coefficient caused the local minimum of the resistance.

5.4 Velocity Experiments

The boundary layer adjacent to the membrane leads to temperature and concentration

gradients between the bulk liquid and the membrane surface so that heat and mass transfer

occurs between these two regions. The heat and mass transfer coefficient is dependent on

the Reynolds number, which depends on the linear velocity of the fluid. According to
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Incropera et al. (1990), turbulent flow is advantageous as far as mass and heat transfer is

concerned, since this enhances both of these transfer phenomena.

This trend of a rising mass flux with a higher flow rate was observed for both the brine

feed and the cooling water (figs. 5.21-5.22).

According to Incropera etaL (1990), the heat transfer coefficient is dependent on the fluid

properties (A, Cp, p, p\ the fluid velocity ut the length scale L and the surface geometry.

The easiest way to increase the heat transfer coefficient to enhance heat transfer is to

change the linear velocity of the feed (fig. 5.26) rather than try to change the fluid

properties or the geometry of the module. This argument will be the same for the mass

transfer because of the analogy between heat and mass transfer.

5.5 Model Evaluation

5.5.1 Fundamental Model

There is a good relationship between

the experimental results and those

predicted by the fundamental model

(fig. 5.2). This model had an overall

correlation coefficient (R*) of 0.9156.

When the temperature of the brine

feed was changed at low feed

concentrations, the predicted values

were very close to the experimental

results (fig. 5.5*5.6). Tne predicted values deviated as the concentration became larger

(fig. 5.7, 5.15-5.19). As the concentration increased from 3 % (wt) to 10 % (wt), the

correlation coefficient decreased from 0.9955 to 0.9315 (fig. 5.5-5.6).

Fig 5.2 Comparison between the experimental and predicted
results (fundamental model) R? - 0.91S6.
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The deviation became larger at higher concentrations and it was further aggravated by

high temperatures (fig. 5.7). This deviation could possibly be attributed to the fact that

the vapour pressure and density of the brine solution were extrapolated for concentrations

above 26 % (wt.), since physical data were available only for a salt concentration below

26 % (wt). There was also a lack of data for the thermal conductivity of a brine solution,

so that the thermal conductivity of pure water was used instead.

Since concentration polarisation has already been accounted for in the fundamental model,

the precipitation of salt crystals on the membrane surface can also lead to deviations from

the predicted values. The deviation can also be observed in fig. 5.14 which gives data

from a study of the relationship between the concentration of the brine solution and the

mass flux at a fixed temperature. The deviation increased considerably at very high salt

concentrations.

Figures 5.10-5.13 shows the relationship between the mass flux as the air gap width

changed at different concentrations. As the air gap width increased at a fixed

concentration the deviation of the experimental results from the fundamental model

decreased. This could be attributed to the fact that the concentration at the membrane

surface decreased with an increasing air gap width (fig. 4.18).

5.5.2 Empirical Model

C-800

1

100 200 300 400 300 600 700 800
Experimental rente

Fig 5.3 Comparison between the experimental and
predicted results (empirical modd) B? - 0.90258.

The empirical model was fitted to a set

of data that was not accounted for in the

linear regression in order to cross-

validate the process. This resulted in a

correlation coefficient (R1) of 0.9026, A

correlation coefficient (R2) of 0.9702 was

obtained for the regression on the

experimental data. When fig. 5.5-5.7 is

investigated, it is noted that the empirical
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model is not inclined to deviate at high brine concentrations as the fundamental model

does. As for the empirical model, a good correlation exists between the experimental and

predicted values when a variety of cooling water temperatures are used (fig. 5.10). A

better correlation exists between the experimental and predicted values for the empirical

model than for the fundamental model when the air gap width is changed (fig. 5.10-5.13).

For low brine concentrations, that is, below 8 % (wt) NaCl, the empirical model predicts

the experimental data weH At very high concentrations, this model tends to reach a

plateau (fig. 5.14). The fact that the empirical model is not as inclined to deviate from

experimental results at high brine concentrations as the fundamental model does, is further

emphasised by fig. 5.14-5.19.

When the linear velocity of the feed is varied, a better correlation exists for the

fundamental model than for the empirical model (fig. 5.21). Although the empirical model

correlates the experimental data better than the fundamental model, the trend of the data

obtained from the empirical model is different to that of the experimental data, whilst the

fundamental model does not have such a good correlation, but the trend is similar to the

experimental data (fig. 5.22).

5.6 Product Quality

Since only water vapour permeated the membrane, it was expected that the salt rejection

would be 100%.

From fig. 5.25 and table A1-A9 in appendix A, it appears as if there is no proportional

change between the feed concentration and the concentration of the product There are

fluctuations in the product quality, and the passage of salt through the membrane could be

attributed to imperfections in the membrane (table A1-A9). The salt rejection varied from

99.69% to 99.94%.
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5.7 Time Dependency of the Flux

Although steady state conditions set in quickly, fluctuations were still present at first, but

as time passed these fluctuations became smaller (fig. 5.27). The magnitude of the mass

flux did not change with time, so that for short periods of time no fouling occurred. Since

a dense membrane was used, ideally no salt should have passed through the membrane.

The only fouling that could have occurred was that precipitated on the membrane surface.

5.8 Effect of Other Salts on the Mass Flux

Although there are considerable differences in the salt concentration of sea water from

different sources, the relative abundance of major components is about the same

everywhere. According to Fabuss (1980), the two main constituents are 78 % NaCl and

10.5 % MgCl2, so that these two salts total 88.5 % of the entire salt content.

Species
H^Ooistiiled

NaCl
MgCI2.6H2O

Sea water

Mass flux
[g-m^n1]

276.6
262.5
267.2
239.1

862.5
768.8
839
675

Table S.3 Effect of different salts on the mass flux
(rkk+-32SKTKy.-30SKT.-289K.U "24ym.

h - 1.6 mm.c-3H (wt.), * - 0.03 m/s, ut - 0.0026 m/s).

From the theory of membrane distillation (see chapter 2) it is known that the driving force

in membrane distillation is the vapour pressure difference across the difEusion path and

further it is also known that the vapour pressure of an aqueous solution differs for

different dissolved species and concentrations. The driving force and consequently the

mass flux is the highest for pure water since there are no dissolved species present to

lower the vapour pressure. From table 5.3, it is observed that the mass flux of a 3 % (wL)

MgCl2.6H2O and NaCl is very much the same as that as that of sea water. This can be

attributed to the fact that the physical properatires of both these solutions are similar to

that of sea water (Fabuss, 1980).
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5.9 Solar Radiation as Energy Source for Membrane
Distillation

According to LOf (1966), a daily average of 17 MJ/m3 solar radiation is received on the

ground in the United States of America. Most of the inhabited parts of the world

experience average daOy radiation of up to 28 MJ/m2.

Theoretically, solar energy can be used for any process which requires heat or motive

power. Solar energy may be used to generate heat or power which can then be used for

operating any desalination process, or it may be employed directly for distillation of saline

water in equipment which serves both as a solar energy absorber and as a distiller.

Since the air gap membrane distillation unit has to be used outdoors, solar radiation will

be used as an energy source. Because of the high levels of radiation in South Africa, it

was found that for a typical summers day in South Africa water could be heated to a

temperature of 52 °C (Table 5.4).

Time of day

8:40
9:30
10:30
11:30
12:30
13:30
14:40
15:30
16:30

Atmospheric
Temperature

fKl
299
302
306
306
306
306
306
305
305

Water
' temperature

302
310
317
325
325
325
325
325
325

Tablt 5.4 Radiation of sunlight on water In a black container.

5.10 Distillation Units

The distillation units had the disadvantage of uncontrollable process variables. If a light

source was used to heat the brine solution, it was very difficult to regulate the temperature

of the brine solution and the radiation from the sun was totally unreliable to use for

experimental purposes. It was furthermore also very difficult to regulate the temperature
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of the cooling water as well as the linear velocities of the brine solution and the cooling

water.

Brine
temperature

TO
318
323
328

Experimental mass
flux

re-m^h1!
272
312
348

TabU 5.5 Ratdtsfrom distillation unit.

Since the temperature of the condensing surface could not be measured, these results

could not be compared with the predicted results. The experiments performed on the

distillation unit were batch experiments, while the results obtained from the alternative set-

up was that of continuous experiments. Due to the configuration of the alternative set-up,

it was impossible to obtain results for batch experiments. Hie disadvantage of a batch

type configuration is that the salt tends to precipitate on the membrane, leading to a

decreasing mass flux. To prevent this phenomenon in the distillation units, the brine

solution can be agitated regularly.

5.11 Summary

In this chapter, the results obtained from the experimental procedures were discussed. It

was discovered that an exponential relationship exists between the mass flux and the

temperature of the brine feed. The effect on the magnitude of the mass flux is smaller

when the temperature of the cooling water is decreased as when the temperature of the

brine solution increases. When the concentration of the feed and the air gap width is

increased, there is a decrease in mass flux. An increase in mass flux was noted when the

linear velocity of the cooling water and the brine solution was increased.

The fundamental model was inclined to deviate from the experimental results, especially at

high concentrations, which was further aggravated by high temperatures. These

deviations can possibly be attributed to the fact that the permeability coefficient was

assumed to be concentration independent, and the vapour pressure that was extrapolated

for salt concentrations above 26 % (wt).
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By using solar radiation as energy source, h was discovered that water can reach

temperatures of as high as 52° C on a typical summers day in South Africa. The salt

rejection of this process varied between 99.69 %-99.94 % and for a continuous system no

fouling occurred over short periods of time.

In the next chapter, the conclusions and recommendations for this project will be made, as

well as future developments.
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Fig. 5.4 Relationship between the mass flux and vapour pressure difference across the diffusion path.
(Tt - 291 K, ci - 3 9i (wt.). // - 24 ym. h - 1.83 mm, w* - 0.03 m/s. u€ - 0.00226 m/s)
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Fig 5.5 Mass flux as the temperature of the brine feed changes (R3 - 0.9951).
(r.-291K,ch-0Mth-24p*.h- 1>M""". «* -0.03m/s, u, -0.00226m/s)
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Fig. 5.6 Mass flux as the temperahtrt oftht brine solution Increases (FT -0.9933).
(Tt-291K.a-3H (wt.), I, - 24 pm, h -1.83 mm, u> - 0.03 m/s, uf - 0.00226 m/s)
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Fig 5.7 Mass flux as the temperature oftht brine incrtasa (FT - 0.9315).
(T,-291K.c%-15H (*t.), U - 24 fm. h -1.83 mm. m - 0.03 m/s, u. - 0.00226 m/s)
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Fig. 5.8 Mass flux as the temperature of the cooling water changes (IC -0.9560).
k -331K.Ck-3% (wt.), I, "24pm, l3 - 1.33 mm, tn - 0.03 m/s. ut - 0.00226 m/s)
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Fig. 5.9 Mass flux as the temperature difference between the bulk liquids stays constant at 15 K(Ic - 0.982).
(£T-13KtCk-3H (wt.). // - 2 4 f m , h -1.83mm, it* - 0.03m/s. ut -0.00226m/s)
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Fig. 5.10 Mass Jlux as tht air gap width changes (FT - 0.8873).
331 K,T,-291Ktct-O9i (wt.), tt-24fjm.n- 0.03 m/s. ut - 0.00226 m/s)
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Fig. S.U Massjlux as the air gap width changes (FT - 0.9710).
(Tk-331 K, T.-291 K.c%-3H(wt.). h -24fjm, t*-O.03m/s, u, - 0.00226 m/s)



100

850

450
0 4 6

Air gap width [mm]
8 10

— Empirical Experimental —Fundamental

Fig. 3.12 Mass flux as tht air gap width changts (R* -0.9582).
(Ty - 331 K,T,-291K.n-10H (M.). lt-24/mt,m- 0.03 m/s, ut - 0.00226)
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Fig. 5.13 Mass/lux as tht air gap width changts (R? - 0.9431).
331 K.T,-291K.ci -13 H (wt.)t t,-24pmlUi- 0.03 m/s. u. - 0.00226)
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Fig. 5.14 Mass flux as the concentration of the feed changes (Ff - 0.9937).
h - 331 K.T.- 291 K, 1,-24 pm. l3 - 1.83 mm, 14 - 0.03 m/s. u, - 0.00226)
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Fig. 5.15 Mass flux as the concentration changts (R* - 0.8537).
(Ti - 331 K, 7V - -20/ Kh-24 pm. h - / • « mm. u» - ftOi m ĵ, u, - 0.002^5 m f̂
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Fig. 5.16 Mass flux as the concentration changes (FT '0.9710).
331 K. Tt - 291 K.1,-24 fm, l3 - 3.66 mm. u* - 0.03 m/s. ut - 0.00226 m/s)
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Fig. 5.17 Mass flux as the concentration changes (7r - 0.9620).
(Tt - 331 K.T.- 291 K.U-24 fm, h - 5.49 mm, u* - 0.03 m/s. u, - 0.00226 m/s)
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Fig. 5.18Mass Jlux as the concentration changes (FT - 0.9582).
331 KT,- 291 K.h-24 fm. h - 7.32 mm. m-0.03 m/s. ut - 0.00226 m/s).
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Fig. 5.19 Mass flux as the concentration changa (JC -0.9430).
(T> - 331 K.T.- 291 £ h - 24 fm. h - 9.15 mm, u>-0.03 m/s, u. - 0.00226 m/s)
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Fig. 5.20 Heating of water by direct sunlight.
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Fig. 5J1 Relationship between mass flux and the velocity of the feed.
(Tt-331KtT,-29lKto-3X (WJ. // - 24 pm. h - U3 mm. ut - 0.00226 m/s)
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Fig. 5.22 Relationship between mass/lux and tht velocity of tht feed.
(Tt-331 K.T,-291K,c%-3M (wt.), // - 24ym, h - 1.83 mm, u» - 0.03m/s)
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Fig.5.24 Dependency of the permeability coefficient and permeation rate on temperature.
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Fig. 5J5 Permeate quality as the concentration of the feed changes.
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Fig. 5.26 Change in convection coefficient as the Reynolds number of the feed changes.
jTh-331K.T,-291K.o-3H (*t.) .1, - 24 pn. h - U3 mm. u. - 0.00226 m/s)
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Fig. 5.27 Dependancy of mass flux on time.
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CHAPTER 6

CONCLUSIONS AND RECOMMENDATIONS

The projea had the drawback that the air gap membrane distillation units had variables

that were difficult to control. From the data obtained from the alternative set-up, the

conclusion could be drawn that this would be a viable process if a low mass flux is

required and sunlight or some other source of waste heat is available. When sunlight was

used as an energy source, the feed could be heated to a temperature of 52 °C. If these

distillation units were to be used only for emergency purposes, this method of fresh water

production would be viable. The permeate was of a quality that met the requirements for

human consumption, since the salt rejection by this process was more than 99.6 % .

There was a good correlation between the predicted and experimental results. Hie

fundamental model could be used with confidence to predict the performance of air gap

membrane distillation. The fundamental model had a correlation coefficient (R2) of

0.9156, while the empirical model had a correlation coefficient (R3) of 0.9026. At high

brine concentrations, where the fundamental model tends to deviate from the experimental

data, the empirical model can be used to predict the performance of the air gap membrane

distillation unit. Below 3 % (wt) NaCl solution, both of the models correlates the

experimental data quite accurately, whilst the empirical model produces better results

when the air gap width is changed. Conversely, it was found that the fundamental model

made better predictions of the experimental data when the flowrates of the brine solution

and the cooling water were varied. The mass fhix thus can be predicted very accurately

when the advantages and disadvantages of both these models is taken into account

There was a near linear relationship between the vapour pressure difference and the mass

flux, showing that the vapour pressure difference was the driving force in the process.
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APPENDIXA
(TABLES OF RESULTS)



T c
rKi
296
301
306
311
316
321
326
331

T b
nti
331
331
331
331
331
331
331
331

Experimental
1 1

micron
24
24
24
24
24
24
24
24

conditions
u b
[m/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u c
[m/sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

L 2
[mral
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

c b
|%NaCll

3
3
3
3
3
3
3
3

Empirical
fe«h.mA2)l

786.5
754.2
695.5
610.3
498.8
360.8
196.4
5.6

Mass flux
Experimental
[R/(h.mA2)l

694.7
660.3
639.7
580.1
474.2
328.8
211.1
0.0

Fundamental
Ig/(h.m*2)l

796.0
718.1
627.9
523.1
402.9
267.6
116.7
0.0

Permeate
quality
[micro S/cm)

221
30
16
20
16
16
16
0

Table A1 Results when the cooling water temperature is varied.

T c
[Kl
298
298
298
298
298
298
298
298
298
298
298
298
298

T b
[Kl
298
302
307
312
317
322
327
332
337
342
347
352
357

Experimental
\J

micron
24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
u_b
[m/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
[m7sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

d
[mml
1.83
.83
.83
.83
.83
.83
.83
.83
.83
.83
.83
.83
.83

c_b
[%NaCll

0
0
0
0
0
0
0
0
0
0
0
0
0

Empirical
[g/(h.mA2)l

-101.4
-7.2
119.4
255.9
402.3
558.6
724.8
900.8
1086.7
1282.5
1488.2
1703.7
1929.1

Mass flux
Experimental

[E/(h-mA2)l
0.0

25.8
105.6
261.7
424.5
660.0
892.7
1067.1
1250.4
1450.1
1596.4
1729.2
1985.8

Fundamental
[R/(h.mA2)l

0.0
44.7
128.1
241.0
383.1
550.1
734.3
927.2
1121.5
1312.2
1495.9
1675.2
1850.5

Permeate
quality
[micro S/cml

0
0
0
0
0
0
0
0
0
0
0
0
0

Table A2 Results when the temperature of the brine is varied for distilled water.



T c
rKi
291
291
291
291
291
291
291
291
291
291
291
291 "
291
291

298
298
298 *
298
298
298
298
298
298
298
298
298
298

T b
IK1
291
296
301
306
311
316
321
326
331
336
341
346
351
356

298
302
307
312
317
322
327
332
337
342
347
352
357

Experimental

1_1
micron

24
24
24
24
24
24
24
24
24
24
24
24
24
24

24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
u_b
fm/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
[m~/sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

l_2
fmml
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

c_b
[%NaClj

3
3
3
3 -
3
3
3
3
3
3
3
3
3
3

10
10
10
10
10
10
10
10
10
10
10
10
10

Empirical
re/flunA2)l

-48.7
21.8
102.3
192.6
292.8
402.8
522.8
652.6
792.3
941.9
1101.4
1270.7
1450.0
1639.1

-101.4
184.3
235.3
296.2
367.0
447.7
538.3
638.7
749.1
869.3
999.3
1139.3
1289.1

Mass flux

Experimental
rE/0i.m*2)l

0.0
39.3
87.1
148.4
237.4
305.4
473.4
572.1
779.6
969.0
1131.2
1352.4
1470.2
1568.6

0.0
31.3
210.3
230.0
306.9
432.0
539.7
645.7
724.0
822.2
874.0
1040.6
1149.0

Fundamental
fE/(h.m*2)l

0.0
31.3
84.0
159.6
260.6
386.4
533.1
693.3
860.7
1027.1
1191.6
1349.8
1503.9
1654.7

0.0
20.2
90.6
186.0
305.5
445.1
597.8
757.2
917.6
1075.9
1231.0
1382.4
1531.8

Permeate

quality
[micro S/cml

27
28
25
243
1149
1257
119
847
114
28
33
24
26
30

61
73
89
95
80
63
71
32
98
68
73
54
120

Table A3 Results when the temperature of the brine is varied at various NaCl concentrations.



T c

291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291

T_b

lici
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331

Experimental
M

micron
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
uj>

fm/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
fm/sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

l_2
(mm]
1.83
1.83
1.83
1.83
3.66
3.66
3.66
3.66
5.49
5.49
5.49
5.49
7.32
7.32
7.32
7.32
9.15
9.15
9.15
9.15

c_b
f%NaCll

0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15

Empirical
rg/(h.mA2)l

880.4
792.3
633.5
560.0
834.8
746.7
587.9
514.4
787.0
698.9
540.1
466.6
737.0
648.9
490.0
416.5
684.7
596.7
437.8
364.3

Mass flux
Experimental

fE/(h.mA2)l
842.3
779.1
698.3
622.4
825.1
701.2
643.2
568.5
762.0
652.1
571.1
499.9
708.0
612.0
537.4
463.2
633.2
565.0
473.2
428.7

Fundamental
fe/0i.mA2)l

987.4
860.7
822.0
790.1
912.8
808.7
773.8
745.1
824.0
738.8
707.1
681.1
746.8
675.8
646.7
622.8
680.9
620.7
593.7
572.1

Permeate
quality
(micro S/cm]

0
114
47
29
0

76
68
86
0

118
124
504

0
122
34
98
0
67
90
231

Table A 4 Results when the concentration of the NaCl and the air gap width is varied



T_c
[K1
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291
291

T b
IK1
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331
331

Experimental
I_l

micron
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
u_b
|m/s]
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
rm7sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

l_2
[mm I
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15

cj>
|%NaOl

0
0
0
0
0
3
3
3
3
3
10
10
10
10
10
15
15
15
15
15

Empirical
fE/(ta.raA2)l

880.4
834.8
787.0
737.0
684.7
792.3
746.7
698.9
648.9
596.7
633.5
587.9
540.1
490.0
437.8
560.0
514.4
466.6
416.5
364.3

Mass flux
Experimental
|E/(h.mA2)1

842.3
825.1
762.0
708.0
633.2
779.6
701.2
652.1
612.0
565.0
698.3
643.2
571.1
537.4
472.3
622.4
568.5
499.9
463.2
428.7

Fundamental
[E/(h.mA2)l

987.4
912.8
824.0
746.8
680.9
860.7
808.7
738.8
675.8
620.7
822.0
773.8
707.1
646.7
593.7
790.1
745.1
681.1
622.8
572.1

Permeate
quality
[micro S/cm]

0
0
0
0
0

114
76
118
122
67
47
68
124
34
90
29
86

504
98
231

Table A5 Results when the concentration of the NaCl and the air gap width is varied



T c
nci
282
287
292
297
302
307
312
317

T b
[Kl
297
302
307
312
317
322
327
332

Experimental
1 1

micron
24
24
24
24
24
24
24
24

conditions
u b
fra/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u c
fm/sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

1 2
Imml
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

c b
[%NaCI1

3
3
3
3
3
3
3
3

Empirical
[E/(h.mA2)1

83.1
143.9
204.8

' 265.8
326.9
388.2
449.6
511.1

Mass flux
Experimental

fc/(h.mA2)l
107.4
157.3
191.1
211.7
283.1
372.1
457.6
592.2

Fundamental
fe/(h.mA2)l

88.2
124.1
169.5
221.7
275.9
328.0
372.9
408.7

Permeate
quality
[micro S/cm]

176
149
137
163
146
128
201
170

Table A6 Results when the temperatures of the brine solution and the cooling water is varied

T c
rici
291
291
291
291
291
291
291
291
291
291
291
291
291
291

T b
[Kl
331
331
331
331
331
331
331
331
331
331
331
331
331
331

Experimentalu
micron

24
24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
u_b
Im/sl
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
Im/si

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

|_2
fmral
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

c_b
[%NaCll

0
2
4
6
8
10
12
14
16
18
20
22
24
26

Empirical
[g/(h.mA2)l

880.4
820.4
765.6
716.3
672.2
633.5
600.1
572.0
549.3
531.8
519.8
513.0
511.6
515.5

Mass flux
Experimental

|e/(h.mA2)l
842.3
810.0
779.1
740.0
709.8
698.3
653.9
640.8
601.5
543.6
501.2
485.9
443.0
416.7

Fundamental
fe/(h.mA2)l

873.7
865.3
855.1
844.7
833.4
821.9
809.4
796.8
783.3
768.7
755.0
740.3
725.5
709.7

Permeate
quality
[micro S/cml

0
83
77
58
71
153
206
126
130
132
135
376
125
184

Table A 7 Results when the concentration of the NaCl is varied.
to
o



T c
n<i
293
293
293
293
293

291
291
291
291
291

T b
IK]
331
331
331
331
331

331
331
331
331
331

Experimental
1 1

micron
24
24
24
24
24

24
24
24
24
24

conditions
u b
fm/sl
0.009
0.014
0.020
0.025
0.030

0.030
0.030
0.030
0.030
0.030

u c
fm/sl

0.00226
0.00226
0.00226
0.00226
0.00226

0.00090
0.00226
0.00452
0.00679
0.00905

1 2
[mmi
1.83
1.83
1.83
1.83
1.83

1.83
1.83
1.83
1.83
1.83

c b
|%NaCI1

3 *
3
3
3
3

3
3
3
3
3

Empirical
|g/(h.mA2)]

624.1
674.7
719.7
759.2
793.2

750.1
792.3
826.9
816.7
761.7

Mass flux
Experimental

[g/(h.m*2)l
578.8
669.1
772.2
790.5
758.8

669.1
779.6
764.0
792.2
782.8

Fundamental
[E/(h.mA2)J

584.7
688.2
754.2
799.6
834.5

779.8
870.1
900.6
918.5
929.0

Permeate
quality
[micro S/cm|

220
75
64
56
56

96
87
96
111
124

Table A8 Results when the linear veolcity of the cooling water and the brine solution is varied

Experimental conditions
T b l_l u—b u_c 1_2 c_b

micron [m/s| [m/sl [mm] [%NaCI[

Mass flux
Empirical Experimental Fundamental

Permeate
quality
[micro S/cm[

289
289
289
289
289
289

325
325
325
325
325
325

12
24
36
48
60
72

0.024
0.024
0.024
0.024
0.024
0.024

0,00226
0.00226
0.00226
0.00226
0.00226
0.00226

3.2
3.2
3.2
3.2
3.2
3.2

826.7
620.8

816.2
622.7
500.5
417.6
358.3
313.6

12430
30

Table A9 Results when the membrane thickness is varied



T c
rKi
297
297
306
306
306
306
297
297
297
306
306
297
297
297
306
306

T b
TO
331
318
318
331
318
331
331
318
318
318
331
331
331
318
318
331

Experimental
l_l

micron
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

conditions
u_b
Ira/s]
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030
0.030

u_c
[m7sl

0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226
0.00226

1_2
[mm]
9.15
9.15
9.15
9.15
9.15
9.15
9.15
9.15
1.83
1.83
1.83
1.83
1.83
1.83
1.83
1.83

,c_b
[%NaCll

10
10
10
10
3
3
3
3
3
3
3
3
10
10
10
10

Empirical
fe/(h.m*2)l

427.6
196.5
70.8
340.9
92.1

499.8
586.5
217.8
413.4
287.8
695.5
782.1
623.3
392.1
266.5
536.6

Mass flux
Experimental

fe/(h.m*2)l
364.4
177.3
92.5
287.8
89.0

326.3
364.8
164.0
536.0
311.4
853.2
1000.0
756.4
407.7
140.0
650.5

Fundamental
rE/(h.m*2)l

551.7
247.9
155.5
456.2
175.3
486.9
580.0
265.8
376.7
273.4
633.2
787.9
746.2
348.0
203.9
587.6

Table A10 Results from factorial design.
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T c

296
301
306
311
316
321
326

Qcond
[Wl
11.0
9.3
7.7
6.1
4.5
3.0
1.5

Q
[Wl
30.5
27.2
23.5
19.5
15.2
10.5
5.4

Qeff

0.6387
0.6570
0.6732
0.6892
0.7046
0.7190
0.7315

TPC

0.5863
0.5761
0.5657
0.5552
0.5447
0.5343
0.5242

c sur
[•/.(NaCl)

12.9
12.0
11.0
9.8
8.4
6.7
4.7

h
[W/mA2JKl

249
250
250
251
251
252
252

Table All Results from the fundamental model (T_b - 331K, cj>
l_l = 24 micron, u_b - 0.03 m/s, u_c - 0.00226mis).

3%, l_2 = 1.83 mm

T_b
[Kl
302
307
312
317
322
327
332
337
342
347
352
357

302
307
312
317
322
327
332
337
342
347
352
357

c_b
[% (NaCl)l

0
0
0
0
0l

0
0
0
0
0
0
0

10
10
10
10
10
10
10
10
10
10
10
10

Qcond
IW1
1.4
3.1
4.7
6.2
7.7
9.1
10.6
12.1
13.7
15.3
17.1
18.8

1.4
3.1
4.7
6.3
7.7 .
9.2
10.7
12.2
13.8
15.5
17.2
19.0

Q

rwi
2.5
6.0
10.0
14.6
19.6
24.9
30.3
35.7
41.1
46.4
51.6
56.8

2.5
6.0
10.1
14.7
19.7
25.0
30.4
35.9
41.3
46.5
51.8
56.9

Qeff

0.4360
0.4850
0.5310
0.5740
0.6077
0.6329
0.6498
0.6602
0.6667
0.6694
0.6696
0.6690

0.4360
0.4817
0.5327
0.5748
0.6071
0.6320
0.6487
0.6599
0.6659
0.6675
0.6683
0.6670

TPC

0.6859
0.6653
0.644

0.6234
0.605

0.5901
0.5791
0.5718
0.5678
0.5661
0.5659
0.5664

0.6891
0.6685
0.6471
0.6265
0.6083
0.5934
0.5826
0.5755
0.5717
0.5701

0.57
0.5706

c_sur
[% (NaCI)l

0.0
0.1
0.2
0.3
0.3
0.5
0.6
0.7
0.8
0.9 -
1.0
1.2

10.4
11.6
12.9
14.2
15.4
16.5
17.4
18.2
18.8
19.3
19.6
19.9

h
[W/mA2JCl

194
203
212
221
230
239
247
255
263
271
279
287

203
213
223
233
242
251
261
269
278
287
295
303

Table A12 Results from the fundamental model (T_c
ujs =* 0.00226m/st IJ = 24micron).

298 K, IJ « 7.55 mm, uj> « 0.03 m/s,
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T_b
[Kl
296
301

. 306
311
316
321
326
331
336
341
346
351
356

c_b
[% (NaCl)]

3
3
3
3
3
3
3
3
3
3
3
3
3

Qcond

rwi
1.8
3.6
5.2
6.8
8.4
9.8
11.3
12.7
14.3
15.8
17.5
19.2
21.0

Q

rwi
2.7
5.7
9.3
13.3
17.9
22.9
28.1
33.5
38.9
44.3
49.5
54.6
59.6

Qeff

0.3333
0.3772
0.4376
0.4865
0.5335
0.5712
0.5989
0.6197
0.6337
0.6424
0.6467
0.6480
0.6477

TPC

0.7173
0.7012
0.6827
0.6628
0.6427
0.6242
0.6084
0.5963
0.5879
0.5828
0.5803
0.5795
0.5795

c_sur
[%(NaCl)l

4.0
5.3
6.7
8.2
9.8
11.2
12.5
13.6
14.4
15.1
15.6
16.0
16.3

h
[W/mA2.K

185
194
204
213
222
231
240
249
258
266
274
282
290

Table A13 Results from the fundamental model (T_c = 298 K, l_2 = J.83 mm, uj> *= 0.03 m/s,
u_c = 0.00226m/st Ij = 24micron).

1_2
fmm]
1.83
1.83
1.83
1.83
3.66
3.66
3.66
3.66
5.49
5.49
5.49
5.49
7.32
7.32
7.32
7.32
9.15
9.15
9.15
9.15

c_b
[%NaCll

0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15

Qcond
IW1
12.7
12.7
12.8
12.8
7.3
7.3
7.3
7.4
5.2
5.2
5.2
5.2
4.1
4.1
4.1
4.1
3.4
3.4
3.4
3.4

Q

rwi
33.5
33.5
33.7
33.8
26.2
26.2
26.3
26.3
22.2
22.1
22.2
22.2
19.3
19.3
19.4
19.4
17.2
17.2
17.2
17.2

Qcff

0.6206
0.6197
0.6208
0.6210
0.7214
0.7210
0.7213
0.7205
0.7653
0.7638
0.7644
0.7640
0.7881
0.7881
0.7887
0.7881
0.8035
0.8035
0.8029
0.8023

TPC

0.5953
0.5963
0.5983
0.5996
0.6828
0.6837
0.6857
0.6869
0.7317
0.7326
0.7344
0.7355
0.7656
0.7664
0.7681
0.7692
0.7911
0.7919
0.7935
0.7946

c_sur
[% (NaCl)l

11.9
13.6
18.1
21.9
11.2
12.9
17.6
21.4
10.3
12.1
17.0
20.9
9.6
11.4
16.4
20.4
8.9
10.8
15.9
19.9

h
[W/mA2.K

245
249
258
264
246
250
259
265
246
250
260
265
247
251
260
266
247
251
260
266

Table A14 Results from
uj; = 0.00226 m/sJJ

the fimdamental model (TJ> = 331K, T_c = 291K, u_b - 0.03 m/s,
= 24 micron).
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1 2
fmml
1;83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15

c_b
[%NaCl]

0
0
0
0
0
3
3
3
3
3
10
10
10
10
10
15
15
15
15
15

Qcond

rwi
12.7
7.3
5.2
4.1
3.4
12.7
7.3
5.2
4.1
3.4
12.8
7.3
5.2
4.1
3.4
12.8
7.4
5.2
4.1
3.4

Q
fwi
33.5
26.2
22.2
19.3
17.2
33.5
26.2
22.1
19.3
17.2
33.7
26.3
22.2
19.4
17.2
33.8
26.3
22.2
19.4
17.2

Qeff

0.6206
0.7214
0.7653
0.7881
0.8035
0.6197
0.7210
0.7638
0.7881
0.8035
0.6208
0.7213
0.7644
0.7887
0.8029
0.6210
0.7205
0.7640
0.7881
0.8023

TPC

0.5953
0.6828
0.7317
0.7656
0.7911
0.5963
0.6837
0.7326
0.7664
0.7919
0.5983
0.6857
0.7344
0.7681
0.7935
0.5996
0.6869
0.7355
0.7692
0.7946

c_sur
[%(NaCl)l

11.9
11.2
10.3
9.6
8.9
13.6
12.9
12.1
11.4
10.8
18.1
17.6
17.0
16.4
15.9
21.9
21.4
20.9
20.4
19.9

h
|\V/mA2.Kl

245
246
246
247
247
249
250
250
251
251
258
259
260
260
260
264
265
265
266
266

Table A15 Results from
= 0.00226m/s, iJ

the fundamental model (T_b = 331K. T_c = 291K, u_b = 0.03 m/s.
24 micron).

T c
FK1
282
287
292
297
302
307
312
317

T b
fKl
297
302
307
312
317
322
327
332

Qcond
fWl
5.4
5.3
5.2
5.1
4.9
4.7
4.6
4.5

Q
iwi
7.6
8.4
9.5
10.7
12.0
13.2
14.4
15.4

Qeff

0.2895
0.3655
0.4516
0.5280
0.5942
0.6432
0.6826
0.7097

TPC

0.7237
0.7031
0.6771
0.6471
0.6158
0.5862
0.561

0.5412

c_sur
\% (NaCl)l

5.7
6.2
6.8
7.4
7.9
8.2
8.3
8.4

h
[W/mA2.Kl

186
196
206
216
225
235
244
253

Table Al6 Resultsfrom the fundamental model (c =* 3 %, IJ. - 1.83 mm, u_b
u_c « 0.00226 m/s, l_l - 24micron).

0.03 m/s,
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C_b
[%NaCll

0
2
4
6
8
10
12
14
16
18
20
22
24
26

Qcond
IW1
12.7
12.7
12.7
12.8
12.8
12.8
12.8
12.8
12.8
12.8
12.8
12.9
12.9
12.9

Q

rwi
33.5
33.5
33.6
33.6
33.6
33.7
33.7
33.7
33.8
33.8
33.8
33.8
33.9
33.9

Qeff

0.6206
0.6200
0.6208
0.6202
0.6199
0.6208
0.6205
0.6199
0.6207
0.6204
0.6201
0.6198
0.6206
0.6206

TPC

0.5953
0.596
0.5966
0.5972
0.5978
0.5983
0.5989
0.5994
0.5998
0.6003
0.6007
0.6012
0.6016
0.6019

c_sur
[%fNaCl)

11.9
13.0
14.2
15.4
16.7
18.1
19.6
21.1
22.6
24.2
25.9
27.5
29.2
30.9

h
rW/mA2.K]

245
248
250
253
256
258
261
263
265
267
269
271
273
275

Table A17 Results from the fundamental model (T_b = 331K, Tj:
u_b = 0.03 m/s, u_c = 0.00226m/s, IJ - 24 micron).

291K, l_2 = 1.83

u b
fm/s|
0.009
0.014
0.020
0.025
0.030

Qcond
fwi
10.6
11.2
11.6
11.9
12.0

Q
[Wl
26.8
29.3
30.7
31.6
32.3

QefT

0.6063
0.6174
0.6225
0.6250
0.6272

TPC

0.5236
0.5538
0.5715
0.5834
0.5919

c sur
[%(NaCl)

20.0
17.5
15.7
14.4
13.4

h
r\V/mA2.Kl

97
138
176
212
247

Table A18 Results from the fundamental model (T_b « 331K, T_c « 293 K, IJ = 1.83
cj> = 3% (NaCl), u_c = 0.00226m/s, IJ = 24 micron).

u c
fm/sl

0.00090
0.00226
0.00452
0.00679
0.00905

Qcond
IW1
10.7
13.0
14.0
14.7
15.1

Q
[Wl
29.8
34.0
35.6
36.5
37.1

Qeff

0.6426
0.6171
0.6062
0.5984
0.5941

TPC

0.4955
0.5963
0.6595
0.6909
0.7105

c sur
[%(NaC1)

12.7
13.6
14.0
14.2
14.3

h
r\V/mA2.Kl

250
249
249
249
249

Table A19 Results from the fundamental model (T_b = 331K, T_c
cj = 3% (NaCl), u_b = 0.03 m/s, IJ = 24micron).

291 K,l_2 = 1.83
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1 1
[micronl

12
24
36
48
60
72

Qcond
iwi
6.62
7.37
7.79
8.06
8.24
8.37

Q
fwi

27.31
22.31
19.45
17.61
16.32
15.37

Qcff

0.7576
0.6697
0.5995
0.5423
0.4951
0.4554

TPC

0.6077
0.6791

0.72
0.7464
0.7649
0.7785

c sur
f%(NaCl)

15.8
13.2
11.4
10.2
9.3
8.6

h
r\V/mA2.Kl

199
199.6
200

200.2
200.3
200.5

Table A20 Results from the fundamental model (T_b = 325 K, T_c
c_b = 3% (NaCl). uj = 0.024 m/s, u_c = 0.00226 m/s).

289K,IJ~3.2

T c

TO
296
301
306
311
316
321
326

Mass transfer resistances

Membrane

352.26
353.73
355.58
357.83
360.54
363.74
367.46

Air gap Boundary
layer

[s.mol/mA3.g]
87.23
84.84
82.44
80.03
77.6
75.15
72.68

353786
352448
351007
349454
347788
346020
344150

Table A21 Mass transfer resistances
(TJ » 53/ K, cj - 3H. IJ « 1.83

u_b = 0.03 m/s, u_c = 0.00226m/s, /
mm
J - 24 micron).

T b
[K]

296
301
306
311
316
321
326
331
336
341
346
351
356

c b
l%(Nad)]

3
3
3
3
3
3
3
3
3
3
3
3
3

Mass transfer resistances
Membrane

511
444
393
356
334
327
332
351
383
426
481
547
622

Air gap Boundary
layer

[s.moI/mA3.el
110
107
105
102
99
96
93
90
86
83
79
76
72

754006
664882
590390
527636
474337
428693
389280
355008
325000
298610
275287
254608
236214

Table A22 Mass transfer resistances
(T_c » 291K IJ - 1.83 mm, IJ « 24micron

u_b = 0.03 m/s, u_c = 0.00226m/s).
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T b
[K]

302
307
312
317
322
327
332
337
342
347
352

' 357

302
307
312
317
322
327
332
337
342
347
352
357

l%(NaCl)

0
0
0
0
0
0
0
0
0
0
0
0

10
10
10
10
10
10
10
10
10
10
10
10

Mass transfer resistances
Membrane

423
377
346
329
326
335
358
393
439
497
564
640

423
377
346
329
326
336
359
395
442
500
569
646

Air gap Boundary
layer

[s.mol/mA3.El
103
101
98
95
92
89
86
82
79
75
71
67

103
101
98
95
92
89
86
82
79
75
72
68

0
0
0
0
0
0
0
0
0
0
0
0

630379
560409 •
501355
451117
408027
370769
338327
309907
284886
262767
243140
225669

Table A23 Mass transfer resistances
(Tjs «= 291K, l_2 - 1.83 mm, I_l = 24micron

uj> = 0.03 m/s, u_c - 0.00226m/s).
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1_2
[mm]

1.83
1.83
1.83
1.83
3.66
3.66
3.66
3.66
5.49

, 5.49
5.49
5.49
7.32
7.32
7.32
7.32
9.15
9.15
9.15
9.15

l%(NaCI)

0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15

Mass transfer resistances
Membrane

351
351
352
352
353
353
354
354
355
355
356
356
357
357
358
358
358
358
359
359

Air gap Boundary
layer

rs.mol/mA3.g1
90
90
90
90
179
179
180
180
269
269
270
270
359
360
360
361
450
450
451
452

0
355008
346127
340684

0
351987
343245
337884

0
350364
341697
336380

0
349273
340659
335370

0
348459
339881
334620

Table A24 Mass transfer resistances
(TJ = 331K T_c = 291K IJ = 1.83 mm, IJ = 24 micron

u_b =» 0.03 m/s, u_c » 0.00226m/s).
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1_2
[mm]

1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15

c_b
l%(NaCl)

0
0
0
0
0
3
3
3
3
3
10
10
10
10
10
15
15
15
15
15

Mass transfer resistances
Membrane Air gap

351
353
355
357
358
351
353
355
357
358
352
354
356
358
359
352
354
356
358
359

[s.mol/mA3
90
179
269
359
450
90
179
269
360
450
90
180
270
360
451
90
180
270
361
452

Boundary
layer

el
0
0
0
0
0

355008
351987
350364
349273
348459
346127
343245
341697
340659
339881
340684
337884
336380
335370
334620

Table A25 Mass transfer resistances
(T_b = 331K, T_c = 291 Kf l_2 = 1.83 mm. IJ = 24 micron

ujf = 0.03m/s, u_c » 0.00226m/s).

T c
[K]

282
287
292
297
302
307
312
317

T b
[K]

297
302
307
312
317
322
327
332

Mass transfer resistances
Membrane Air gap

511
438
383
347
327
325
339
368

Boundary
layer

[s.mol/mA3.gl
114
109
104
98
93
88
82
76

741897
651530
576432
513419
460055
414502
375308
341372

Table A26 Mass transfer resistances
(c = 3% (NaCl), IJ = 1.83 mm, IJ = 24 micron

u_b = 0.03 m/s, u_c - 0.00226m/s).



c_b
[%(NaCl)]

0
2
4
6
8
10
12
14
16
18
20
22
24
26

Mass transfer resistances
Membrane

350.77
351.01
351.23
351.45
351.65
351.85
352.04
352.21
352.38
352.54
352.69
352.83
352.97
353.1

Air gap

fs.mol/mA

89.57
89.61
89.64
89.67
89.71
89.75
89.79
89.83
89.88
89.92
89.97
90.02
90.07
90.12

Boundary
layer

3.g]
0

356404
353639
351010
348505
346127
343863
341718
339678
337740
335919
334194
332570
331035
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Table A27 Mass transfer resistances
(TJ - 331K, T_c = 291K, IJ = 1.83 mm

u_b = 0.03 m/s, u_c = 0.00226m/s, IJ - 24micro

u b
[m/s]

0.009
0.014
0.020
0.025
0.030

Mass transfer resistances
Membrane Air gap

331.45
338.4

344.65
348.51
351.54

Boundary
layer

fs.mol/m A3.gf
92.13
90.63
89.62
89.07
88.67

934373
649783
505621
417476
357583

Table A28 Mass transfer resistances
(TJ - 33/ K, Te - 293 K, 1_2 = 1.83 mm,
cl>=3% (NaCl), ujg - 0.00226 m/s, IJ = 24 m

u c
[m/s]

0.00090
0.00226
0.00452
0.00679
0.00905

Mass transfer resistances
Membrane

352.55
351.12
350.46
350.2
350.05

Air gap Boundary
layer

[s.mol/mA3.gl
86.72
89.62
91.4

92.26
92.8

353502
355196
355834
356227
356462

Table A29 Mass transfer resistances
(TJ - 331K T_c - 291K, IJ = 1.83 mm

cj<* 3 % (NaClj, uj - 0.03 m/s, IJ - 24 micro
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11
[micron]

12
24
36
48
60
72

Mass transfer resistances
Membrane

163.29
328.36
494.32
660.75
827.48
994.38

Air gap Boundary
layer

fs.mol/mA3.gl
164.63
165.64
166.22
166.59
166.85
167.04

477277
473893
471991
470776
469944
469331

Table A30 Mass transfer resistances
(TJ = 325 K, T_c=289K. l_2~ 3.2 mm

c_b=3% (NaCl). uj> = 0.03 m/s,
u_c - 0.00226 m/s, l_l • 24 micron).



T c
IK1
296
301
306
311
316
321
326

Rl l
[KAV1

0.125
0.125
0.125
0.125
0.124
0.124
0.124

R12
|KAV|

30.20
33.47
38.28
45.94
59.63
89.76

205.76

Rlt
[KAVI

0.125
0.125
0.124
0.124
0.124
0.124
0.124

R d
IKAV1

0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
IK/WJ

[.85
[.84
[.83
.82

1.81
1.80
1.79

R22
[KAV]

74.52
82.51
94.26
113.01
146.54
220.36
504.59

R221
IKAV1

75.09
83.06
94.81
113.54
147.07
220.91
505.22

R23
IKAVI

1.067
0.979
0.901
0.831
0.768
0.712
0.662

R2t
IKAVI

0.675
0.638
0.603
0.570
0.539
0.511
0.484

R3
fKAVl
0.0090
0.0084
0.0078
0.0072
0.0065
0.0056
0.0044

R4
IKAVI
0.0030
0.0030
0.0030
0.0030
0.0030
0.0029
0.0029

R5
IKAVI

0.338
0.332
0.326
0.321
0.316
0.312
0.308

Table A31 Heat transfer resistances (T_b - 357 K, cj> = 3%, IJ = 24 micron, l_2 = 1.83 mm, uj> =» 0.03 m/s, ujs = 0.00226

T b
IKI
296
301
306
311
316
321
326
331
336
341
346
351
356

R l l
IKAVI

0.169
0.161
0.153
0.147
0.141
0.135
0.130
0.125
0.121
0.117
0.114
0.111
0.108

R12
IKAVI
785.91
291.54
153.08
93.49
62.85
45.41
34.80
27.93
23.33
20.03
17.62
15.75
14.26

Rlt
IKAVI

0.169
0.161
0,153
0.146
0.140
0.135
0.130
0.125
0.121
0.117
0.113
0.110
0.107

Rcl
IKAVI

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
[KAVI

[.98
1.96
1.94
1.93
1.91
.89
.88
.86
.84
.83
.81
.80
.78

R22
[KAV1
1929.34
716.33
376.49
230.16
154.88
112.00
85.89
68.98
57.63
49.51
43.55
38.94
35.25

R221
[KAVI
1930.66
717.40
377.39
230.95
155.58
112.64
86.49
69.57
58.21
50.10
44.15
39.56
35.90

R23
[KAVI

4.147
3.234
2.556
2.061
1.705
1.454
.281
.166
.092
.047
.022
.009
.002

R2t
[KAVI

1.344
1.225
1.107
0.997
0.901
0.822
0.760
0.715
0.683
0.663
0.650
0.642
0.637

R3
[KAVI
0.0045
0.0057
0.0066
0.0074
0.0080
0.0086
0.0091
0.0095
0.0099
0.0102
0.0104
0.0106
0.0108

R4
IKAVI
0.0031
0.0031
0.0031
0.0031
0.0031
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030

RS
fKAVl

0.353
0.352
0.351
0.350
0.348
0.347
0.346
0.344
0.343
0.341
0.340
0.339
0.338

Table A32 Heat transfer resistances (Tjc = 291K, IJ - 24 micron, l_2 = 1.83 mm, ujb = 0.03 m/s, u_c = 0.00226 m/s).



rici
302
307
312
317
322
327
332
337
342
347
352
357

302
307
312
317
322
327
332
337
342
347
352
357

Rl l
[KAV|

0.161
0.154
0.147
0.141
0.136
0.131
0.127
0.122
0.119
0.115
0.112
0.109

0.154
0.147
0.140
0.134
0.129
0.124
0.120
0.116
0.112
0.109
0.106
0.103

R12
fKAVl
547.79
190.65
101.03
63.34
43.97
32.83
25.91
21.34
18.18
15.88
14.13
12.74

1210.06
269.45
130.90
79.43
54.34
40.32
31.73
26.08
22.17
19.30
17.12
15.39

Rlt
(KAV1

0.161
0.154
0.147
0.141
0.135
0.130
0.126
0.122
0.118
0.114
0.111
0.108

0.154
0.147
0.140
0.134
0.129
0.124
0.120
0.115
0.112
0.108
0.105
0.102

Rcl
IKAV1

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
fKAVl

1.94
1.92
1.91
1.89
1.87
L.86
1.84
1.83
1.81
.80
.78
.77

1.94
.92
.91
.89
.87
.86
.84
.83
.81
.79
.78
.76

R22
fKAVJ
1345.22
468.60
248.54
155.96
108.35
80.94
63.90
52.66
44.86
39.20
34.87
31.44

2971.59
662.28
322.02
195.55
133.89
99.41
78.25
64.36
54.70
47.63
42.24
37.96

R221
fKAVl
1346.11
469.34
249.18
156.53
108.87
81.44
64.39
53.15
45.34
39.71
35.39
31.98

2973.56
663.33
322.85
196.27
134.54
100.03
78.85
64.95
55.30
48.24
42.88
38.62

R23
fKAVl

2.597
2.076
1.697
1.424
1.233
1.103
1.017
0.963
0.931
0.915
0.907
0.905

2.596
2.073
1.693
.421
.230

1.101
1.015
0.962
0.932
0.916
0.909
0.906

Rlt
fKAVl

1.114
1.001
0.899
0.813
0.743
0.691
0.653
0.628
0.612
0.603
0.597
0.594

1.114
1.001
0.898
0.812
0.743
0.691
0.653
0.629
0.613
0.604
0.599
0.596

R3
fKAVl
0.0041
0.0055
0.0064
0.0072
0.0078
0.0084
0.0088
0.0092
0.0095
0.0098
0.0101
0.0103

0.0041
0.0055
0.0064
0.0072
0.0078
0.0084
0.0088
0.0092
0.0096
0.0098
0.0101
0.0103

R4
fKAVl
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030

0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030

R5
[KAV1

0.342
0.341
0.340
0.339
0.337
0.336
0.335
0.334
0.333
0.331
0.330
0.329

0.342
0.341
0.340
0.339
0.337
0.336
0.335
0.334
0.333
0.33!
0.330
0.329

Table A33 Heat transfer resistances (T_c = 291 K, IJ =24 micron, l_2 - 1.83 mm. u_b -0.03 m/s, u_c- 0.00226 m/s).



!_2
[mm]
1.83
1.83
1.83
1.83
3.66
3.66
3.66
3.66
5.49
5.49
5.49
5.49
7.32
7.32
7.32
7.32
9.15
9.15
9.15
9.15

C_b
[•/.NaC

0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15
0
3
10
15

Rl l
IKAV1

0.128
0.125
0.121
0.118
0.127
0.125
0.121
0.118
0.127
0.125
0.120
0.118
0.127
0.125
0.120
0.118
0.127
0.125
0.120
0.118

R12
[KAV1

27.52
27.93
29.25
30.43
29.27
29.72
31.06
32.25
32.02
32.52
33.98
35.28
35.01
35.55
37.15
38.57
38.08
38.71
40.46
41.99

RU
IKAV1

0.127
0.125
0.121
0.118
0.127
0.125
0.120
0.118
0.126
0.124
0.120
0.117
0.126
0.124
0.120
0.117
0.126
0.124
0.120
0.117

Rcl

nc/wi
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
|KAV|

1.86
1.86
1.86
1.86
3.73
3.73
3.73
3.73
5.60
5.60
5.60
5.60
7.47
7.47
7.47
7.47
9.35
9.35
9.35
9.35

R22
IK/W1

67.96
68.98.
72.23
75.14
72.10
73.20
76.50
79.43
78.76
80.01
83.59
86.78
86.05
87.39
91.32
94.82
93.58
95.10
99.42
103.17

R221
IKAV1

68.53
69.57
72.85
75.78
72.84
73.95
77.29
80.26
79.66
80.92
84.54
87.77
87.09
88.44
92.42
95.97
94.75
96.30
100.67
104.48

R23
|KAV)

U67
[.166
[.164
1.163
1.476
1.475
1.474
1.473
.769
.769

1.768
1.768
2.059
2.058
2.058
2.058
2.347
2.346
2.347
2.347

R2t
[KAV1

0.715
0.715
0.714
0.714
1.051
I.0S0
1.050
1.050
1.334
1.334
1.334
1.334
1.600
L.600
L.600
.601
.858
.858
.859
.860

R3
[KAV1
0.0095
0.0095
0.0095
0.0095
0.0089
0.0089
0.0089
0.0089
0.0085
0.0085
0.0085
0.0085
0.0082
0.0082
0.0082
0.0082
0.0079
0.0079
0.0079
0.0079

R4
fKAVl
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0031
0.0030
0.0030
0.0030
0.0031
0.0031
0.0031
0.0031
0.0031
0.0031
0.0031
0.0031

R5
[KAV1

0.344
0.344
0.344
0.344
0.346
0.346
0.346
0.346
0.347
0.347
0.347
0.347
0.348
0.348
0.348
0.348
0.348
0.348
0.348
0.348

Table A34 Heat transfer resistances (T_b » 331K, Tj: = 291 Kt IJ = 24 micron, uj> = 0.03 m/st ujs = 0.00226 m/s).



\2
fmml
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15
1.83
3.66
5.49
7.32
9.15

C_b
[%NaC1

0
0
0
0
0
3
3
3
3
3
10
10
10
10
10
15
15
15
15
15

RU
IKAV1

0.128
0.127
0.127
0.127
0.127
0.125
0.125
0.125
0.125
0.125
0.121
0.121
0.120
0.120
0.120
0.118
0.118
0.118
0.118
0.118

R12
IKAV1

27.52
29.27
32.02
35.01
38.08
27.93
29.72
32.52
35.55
38.71
29.25
31.06
33.98
37.15
40.46
30.43
32.25
35.28
38.57
41.99

Rlt
IKAV1

0.127
0.127
0.126
0.126
0.126
0.125
0.125
0.124
0.124
0.124
0.121
0.120
0.120
0.120
0.120
0.118
0.118
0.117
0.117
0.117

Rcl
fKAVl

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
[KAV|

1.86
3.73
5.60
7.47
9.35
1.86
3.73
5.60
7.47
9.35
1.86
3.73
5.60
7.47
9.35
1.86
3.73
5.60
7.47
9.35

R22
[KAVJ

67.96
72.10 .
78.76
86.05
93.58
68.98
73.20
80.01
87.39
95.10
72.23
76.50
83.59
91.32
99.42
75.14
79.43
86.78
94.82
103.17

R221
IKAV1

68.53
72.84
79.66
87.09
94.75
69.57
73.95
80.92
88.44
96.30
72.85
77.29
84.54
92.42
100.67
75.78
80.26
87.77
95.97
104.48

R23
\KJ\W

1.167
1.476
1.769
2.059
2.347
1.166
1.475
1.769
2.058
2.346
1.164
1.474
1.768
2.058
2.347
1.163
1.473
1.768
2.058
2.347

R2t
[KAV1

0.715
1.051
1.334
1.600
1.858
0.715

(

(

1.050
.334
.600
.858

).714
1.050
.334
.600

1.859
).714
.050
.334
.601
.860

R3
[KAV1
0.0095
0.0089
0.0085
0.0082
0.0079
0.0095
0.0089
0.0085
0.0082
0.0079
0.0095
0.0089
0.0085
0.0082
0.0079
0.0095
0.0089
0.0085
0.0082
0.0079

R4
[KAVI
0.0030
0.0030
0.0031
0.0031
0.0031
0.0030
0.0030
0.0030
0.0031
0.0031
0.0030
0.0030
0.0030
0.0031
0.0031
0.0030
0.0030
0.0030
0.0031
0.0031

R5
fK/Wl

0.344
0.346
0.347
0.348
0.348
0.344
0.346
0.347
0.348
0.348
0.344
0.346
0.347
0.348
0.348
0.344
0.346
0.347
0.348
0.348

Table A35 Heat transfer resistances (TJ> = 331K, T_c - 291K, /_/ = 24 micron, u_b = 0.03 m/s, u_c = 0.00226 m/s).



rici
282
287
292
297
302
307
312
317

T b
IK]
297
302
307
312
317
322
327
332

IU1
[KAV1

0.168
0.160
0.152
0.145
0.139
0.133
0.128
0.124

IU2
[KAV1
278.32
197.31
144.09
109.80
87.95
73.72
64.61
58.75

Hit
IKAVI

0.168
0.160
0.152
0.145
0.139
0.133
0.128
0.123

Rcl
IKAVI

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
[KAV|

2.00
1.97
1.94
1.91
1.88
L.86
.83
.80

R22
[KAV|
683.86
485.07.
354.42*
270.15
216.42
181.37
158.89
144.35

R221
IKAVI
685.09
486.11
355.29
270.89
217.07
181.95
159.44
144.88

R23
[KAV1

4.964
3.400
2.387
1.733
1.311
1.039
0.863
0.749

R2t
IKAM

1.429
1.250
1.072
0.910
0.774
0.666
0.587
0.529

IU
[KAV1
0.0067
0.0066
0.0066
0.0066
0.0066
0.0066
0.0065
0.0065

R4
IKAV]
0.0031
0.0031
0.0031
0.0030
0.0030
0.0030
0.0030
0.0030

R5
IKAVI

0.367
0.358
0.349
0.341
0.334
0.327
0.321
0.315

Table A36 Heat transfer resistances (cj> -3% (NaCIJ, IJ » 24 micron, l_2 - 1.33 mm, u_b = 0.03 m/st u__c = 0.00226 mis).

C_b
(KNaCI

0
2
4
6
8
10
12
14
16
18
20
22
24
26

RI1
IKAVI

0.128
0.126
0.125
0.123
0.122
0.121
0.120
0.119
0.118
0.117
0.116
0.115
0.115
0.114

R12
IKAVI

27.52
27.78
28.12
28.46
28.85
29.25
29.70
30.17
30.69
31.27
31.84
32.47
33.14
33.87

Rlt
IKAVI

0.127
0.126
0.124
0.123
0.122
0.121
0.119
0.118
0.117
0.117
0.116
0.115
0.114
0.113

Rcl
[KAV]

0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013
0.013

Rc2
IKAVI

1.86
1.86
1.86
.86
1.86
1.86
.86
.86
.86
.86
.86
.86
.86
.86

R22
IKAVI

67.96
68.61
69.43
70.28
71.24
72.23
73.34
74.50
75.79
77.22
78.62
80.18
81.82
83.64

R221
[KAV1

68.53
69.19
70.02
70.88
71.85
72.85
73.97
75.13
76.44
77.88
79.30
80.87
82.52
84.36

R23
IKAVI

1.167
1.166
1.165
1.165
L.164
1.164
.163
.163
.163
.162
.162
.162
.161
.161

H2t
IKAVI

0.715
0.715
0.715
0.715
0.714
0.714
0.714
0.714
0.714
0.714
0.714
0.714
0.714
0.714

R3
IKAVI
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095
0.0095

R4
IKAVI
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030
0.0030

R5
IKAVI

0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344
0.344

Table A37 Heat transfer resistances (T_b = 331K, T_c = 291K, IJ = 24 micron, I_2 = 1.83 mm, u_b = 0.03 m/s, u_c = 0.00226 m/s).



u b
[m/sl
0.009
0.014
0.020
0.025
0.030

Rll
fKAVl

0.322
0.227
0.178
0.147
0.126

R12
fKAVl

41.19
34.97
31.90
30.07
28.81

Rlt
fKAVl

0.320
0.225
0.177
0.146
0.126

Rcl
fKAVl

0.013
0.013
0.013
0.013
0.013

Rc2
1KAV1

1.87
1.87
1.86
1.86
1.86

R22
fKAVl
101.81
86.38
78.77
74.25
71.12

R221
fKAVl [K
102.49
87.01
79.38
74.85
71.70 1

R23
1AV|
1.237
L.182
1.154
.137
.125

R2t
fKAVl

0.744
0.722
0.711
0.704
0.699

R3
fKAVl
0.0088
0.0090
0.0092
0.0092
0.0093

R4
fKAVl
0.0030
0.0030
0.0030
0.0030
0.0030

R5
fKAVl

0.343
0.342
0.342
0.342
0.341

Table A38 Heat transfer resistances (T_b = 331K, T_c = 293 K, c_b=3% (NaCl), IJ - 24 micron. l_2 = 1.83 mm. u_c « 0.0

u c
fmSsl

0.0009
0.00226
0.00452
0.00679
0.00905

Rl l
fKAVl

0.125
0.125
0.126
0.126
0.126

R12
fKAVl

30.83
27.93
26.69
26.18
25.88

Rlt
fKAVl

0.125
0.125
0.125
0.125
0.125

Rcl
IKAV1

0.013
0.013
0.013
0.013
0.013

Rc2
fKAVl

1.85
1.86
1.87
1.87
1.87

R22
fKAVl

76.04
68.98
65.96
64.71
63.99

R221
fKAVl

76.61
69.57
66.56
65.31
64.60

R23
fKAVl

1.047
1.166
1.247
1.289
1.316

R2t
fKAVf

0.667
0.715
0.746
0.761
0.771

R3
fKAVl
0.0088
0.0095
0.0099
0.0101
0.0102

R4
fKAVl
0.0030
0.0030
0.0030
0.0031
0.0031

R5
fKAVl

0.540
0.344
0.245
0.200
0.174

Table A39 Heat transfer resistances (TJ> = 331K, Tjc « 291K. c_b = 3% (NaCl), IJ = 24 micron. l_2 = 1.83 mm, u_b = 0.0

1 1
[micron]

12
24
36
48
60
72

Rl l
fKAVl

0.16
0.16
0.16
0.16
0.16
0.16

R12
IKAV1
29.586
38.765
48.224
57.789
67.345
76.947

Rlt
fKAVl

0.156
0.156
0.156
0.156
0.156
0.156

Rcl
JKAV1

0.007
0.013
0.02
0.026
0.033
0.039

Rc2
fKAVl
3.3000
3.3040
3.3070
3.3090
3.3100
3.3110

R22
fKAVl
72.911
95.529
118.834
142.403
165.947
189.606

R221
fKAVl
73.445
96.308
119.858
143.673
167.461
191.366

R23
IKAM

1.073
1.665
2.265
2.869
3.475
4.083

R2t
fKAVl

0.806
1.102
1.340
1.534
1.695
1.831

R3
fKAVl

0.009
0.009
0.008
0.008
0.008
0.008

R4
TKAVl

0.003
0.003
0.003
0.003
0.003
0.003

R5
fKAVl

0.349
0.35
0.351
0.352
0.352
0.352

Table A 40 Heat transfer resistances (T_b = 325 K. T_c = 289 K, cj>=3% (NaCl). IJ = 3.2 mm, u_b = 0.03 m/s. ujc = 0.002
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Fig. B3 Photograph of air gap membrun* distillation unit.
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program AGMD;

{$N+} Emulates a math co-processor

uses Crt;

var

Re,Nu,Sl^Pain,TPC,Q,Qcond,k,c21,c22,cl1c4,x21, *

T1,T7,T2,T3,T4,T5,T6, Tal,Ta2,Ta3,Ta4, Ta5,Ta6,

Re l,Rc2,Rml,Rm2,Rm3,Rm4,Rl 1^12,Rlt,

R21,R22,R23,R2t,R3,R3t,R4,R5,Rl,N,Np,

R221, fl,f2,kss?z,cb,12,ub,uc,fa,fblcsur,t, : extended;

InFfle : Text;

const

Al =0.032; Transfer area of membrane fmj

A2 >• 0.04*0.9; Condensing surface area [m]

Concentration of salt in cooling water [% (wt.)]

Concentration of salt in permeate [% (wt%)]

Thickness of condensing surface [m]

Characteristic length of membrane[m]

Characteristic length of condensing plate [m]

Gravitational acceleration [m/s2]

Thermal conductivity of membrane ffV/mKJ

Thickness of membrane [m]

Molecular mass ofHjQ fg/molj

Molecular mass ofNaCl [gfmol]

101325; Total pressure [Pa]

cc

cp

dl

dH

dH2

gl

lCTT^

11

M

Mn

P

- « ;

- 0 ;

= 1.6E-3;

- 0 . 2 ;

= 0.2;

= 9.81;

~ 0.0576;

»24E-6;

= 18;

- 58.5;

- 101325



143

R = 8.314; Universal gas constant [J/mol.K]

x =0.2; [m]

To calculate the latent heat of evaporation for HjO [J/g]

function hfg(T :real): real;

begin

hfg := 3168.2772-2.4353676*T;

end;

To calculate the spesific heat of water [J/g.K]

function cpf(T : real): real;

cp£= 45.358904-0.49160618*T+0.002205092*sqr(T)-4.3807394E-
6*sqr(T)*T+3.2759702E-9*sqr(sqr(T));

end;

To calculate the spesific heat ofHjO vapour [J/g.K]

function cpg(T: real) : real;

begin

cpg := 2.134852-1.1795944E-5*sqr(T)+2.952599E-8*T*sqr(T);

end;

Vapour pressure ofNaCl as a function of concentration and temperature [Pa]

fiinction VP(T,c: real): real;

var
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a,b: real;

begin

a := exp(-29.247931+O.15905282*T-0.0001688680l*sqr(T));

b :=* O349.03+8.39513*T+376967/T-1.58194E-5'sqr(T)»T;

VP :=(a+b*c/Mn/0.iy760*101325;

end;

To calculate the permeability coefficient ofHjO in membrane [g.m/(s.mA2,Pa)J

function Perm(T :real): real;

var

fl : real;

const '

a =1.1970891517;

b«-1.08389038116;

begin

fl := exp(-sqr(T-317)/(2*sqr<67.2872925)));

Penn:=(l/(a+b*n))/lE10;

end;

Diffusion coefficient ofH&-vapour in air[m3/s]

function Dw(T: real): real;

begin

Dw:» exp(ln(0.26E-4)+2.334*ln(T/298));

end;
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Usedtn Clausius-Clapeyron equation [Pa/KJ

function PMRT(T,c: real): real;

PMRT := VP(T,c)*M*hfg(T)/(R*sqr(T));

end;

Density of brine solution as function of concentration and temperature [kg/m3J

function dens(T,c : real): real;

var

a,b,ca: extended;

const '

al = 1.47809652056; a2 « 0.0985569923901; a3 = -9.48586704271;

bl = -0.00116210231391; b2 =-0.000264393965564; b3 = 0.144299456262;

cl =-11942.9335297; c2 = 7.53043492004E-10; c3 =-0.000877534860513;

d2 = 3.99473928633E123; d3 = 2.66598287932E-6;

e3=-4.04541368844E-9;

£3=2.45238734929E-12;

begin

a:=al+bl*T+cl/sqr(T);

b := a2+b2*T+c2*sqr(T)*T+d2*exp(-T);

ca := a3H3*T-ix3*sqr(T>^(n*T*sqr(T>+e3*^r(sqr(T)>+D*T*sqr(sqr(T));

dens := (a+b*(c/Mn/0.1)+ca*sqr(c/Mn/0.1))*1000;

end;
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Viscosity of brine soiution as function of concentration and temperature [N.s/m3]

function viscb(T,c: real): real;

var

I,a0I,b01,viscw,m: real;

const

a l = 0.03550;

a2= 0.00231;

a3=-0.00003;

bl =-0.04753;

b2 = 0.01598;

b3 =-0.00194;

begin •

m:=(c/Mn)/0.1;

I:=0.5*(m*l+m*l);

aOl := al+a2*I+a3*sqr(I);

bOl :=bl+b2*I+b3*sqr(I);

viscw :=- wq)((-1.64779+262.37/(139.18+T-273))*h(10)); Viscosity of pure water

viscb : - (e?q)(A01*hi(10)+B01*In(viscw)))*viscw/1000; Viscosity of brine solution

end;

Thermal conductivity ofHjO [W/nuK]

function k!2(T: real): real;

begin

k l2 :« (577+1.522+(T-273)-0.00581*sqr(T-273))/1000;

end;
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Thermal conductivity of air [W/nvK]

function kaii(T: real): real;

begin

kair ~ (3.27+0.0764 *T)/1E3;

end;

Calculation of the Prandtl number

function Pr(T,c : real) : real;

begin

Pr := cpf(T)*viscb(T,c)/kl2(T)*1000;

end;

Diffusion coefficient ofNaCl in water [m2/s]

function Dab(T: real): real;

begin

Dab := 1.9E-9*viscb(298,(cb+x21*100)/2)/viscb(T>(cb+x21)/100)*T/298;

end;

Calculating the Schmidt number

function Sc(T,c : real): real;

begin

Sc := viscb(Tfc)/(Dab(T)*dens(T>c));

end;
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Calculation of the convection heat transport coefficient [W/m3.K]

function h(T,c,u,dH: real): real;

begin

Re :« dens(T,c)*u*dH/viscb(T,c); Reynolds number

if Re <=» 2400 then

begin For laminar conditions

Nu := e?q)(ln(0.644)+0.5*In(Re)+l/3*ln(Pr(T,c))); Nusselt number

h := kl2(T)*Nu/x; Convection heat transfer coefficient

end

else

begin For turbulent conditions

Nu':= exp(b(0.0296)+0.8*In(Re)+I/3*ln(Pr(T,c))); Nusselt number

h := kl2(T)*Nu/x; Convection heat transfer coefficient

end;

end;

Mass transport coefficient [m/sj

function kmass(T,c,u,dH: real): real;

begin

Re :=* dens(T,c)*u*dH/viscb(T,c); Reynolds number

ifRe<= 2400 then

begin for laminar conditions

Sh:~ exp(ln(0.644)+0.5*In(Re)+l/3*In(Sc(T,c))); Sherwood number

kmass :•• Dab(T)* Sh/x; Mass transfer coefficient

end
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else

begin for turbulent conditions

Sh := exp(b(0.0296)+0.8*In(Re)+I/3*In(Sc(T,c))); Sherwood number '

kmass := Dab(T)*Sh/x; Mass transfer coefficient

end;

end;

To determine the magnitude of the resistances against heat and mass transfer

procedure Resistances;

begin

Tal := (Tl+T2)/2; Average temperature across the temperature
boundary layer

»

Ta2 := (T2+T4)/2; Average temperature across diffusion path

Ta3 := (T4+T5)/2; Average temperature across condensate

Ta4 := (T6+T7)/2; Average temperature across the condensing plate

Ta5 := (T2+T3)/2; Average temperature across the membrane

Ta6 := (T3+T4)/2; Average temperature across the air-gap

Pam := P-((VP(T2,cb}-VP(T4,cp))/(ln(VP(T2,cbyVP(T4,cp)))); log-mean pressure

kss := 0.02*(T5+T6)/2+8.6; Thermal conductivity of stainless steel

t:=0;

Iteration used to determine the concentration of the salt at the membrane surface

repeat

cl :=dens(Tl,cb)*(l-cb/100)/M*1000;
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c22 := VP(T2,x21*100)/(R*Ta2);

c4:=VP(T4,cp)/(R*Ta2);

c21:» cl-(Rm3*R*Ta2/Rm4)*(c22-c4);

repeat

z-zH;

x21:-x21+0.001;

fl:=c21/1000*M;

£2 :-(l-x21)*dens(T2,x21*I00);

until £2<=fl;

untflt=15;

Rml :» ll/(Perm(T2)*Al); Membrane mass transfer

resistance

Rm2 := Pam*R*Ta2*12/(Dw(Ta2)*P*M*A2); Air-gap resistance

if cb=O then

Rm3:=0

else

begin

Rm3 := l/((kmass(Tal,cb,ub,dH)*Al*M)); Boundary layer mass transfer

resistance

end;

Rm4 : a Rml+Rm2;

Rll := l/(h(Tal,cb,ub,dH)*Al); Bounary layer heat transfer resistance

R12 :• l/(Np*q)n7Tal)); Enthalpy change heat transfer resistance

Rcl :=H/(km*Al); Resistance due to conduction through
membrane
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Rc2 := 12/(kair(Ta2)*A2); Air-gap heat transfer resistance

R22 := l/(Np*cpg(Ta5)); Enthalpy change heat transfer resistance

R221 := l/(Np*cpg(Ta6)); Enthalpy change heat transfer resistance

R23 := l/(l/(Rml+Rm2)*hfg(Ta5)*PMRT(Ta2,cp)); Heat transfer resistance
due to evaporation process

R3 := l/(A2*cxp(h(0.943) + 0.25*ln(gl*kl2(Ta3)*sqr(kl2(Ta3))*lifg(Ta3)*
sqr(dcas(Ta3,q))y(x*viscb(Ta3Icp)*(T4-T5))))); Heat transfer

resistance through
condensate

R4 : - dl/(A2*kss); Conduction heat transfer resistance through
condensing plate

R5 := l/(A2*h(Ta4,cc,uc,dH2)); Convection heat transfer resistance of

boundary layer

Np := (l/(Rml+Rm2)*(VP(T2,x21*100)-VP(T4,cp)))*3600/Al; Mass flux [g/m2.hr]

end;

Calculation of the temperature polarisation

procedure TeznpPol;

Rlt := 1/(1/R11+1/R12); Total heat transfer zesistance through
boundary layer

R2t := 1/(1/(1/(1/Rcl+1/R22>f 1/(1/Rc2+1/R221)>fl/R23); Total heat transfer
resistance through
diffusion path

Rt := Rlt+R2t+R3+R4+R5; Total heat transfer resistance

TPC := R2t/Rt; Temperature polarisation coefficient

Q := 1/R1*(T1-T7); Heatflux [W]

Qcond := l/(Rcl+Rc2)*(T2-T4); Conduction heat losses through diffusion
path
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T2 :=Tl-Q*Rlt; Temperature at membrane surface
(upstream)

T3 := T2-Q*R2t*(I/(Rcl+R22)H/(Rc2+l/R221)); Temperature at membrane
surface (downstream)

T4 :«T2-Q*R2t;

T5 :=-T4-Q*R3;

T6 := T5-Q*R4;

end;

begin

ClrScr;

12:= 1.83^-3;

ub :=• O.003;

uc:23 0.00226;

cb:=3;

Tl := 326;

T7:-291;

T2:-T1;

T3 := T2-I;

T4: - T7+2;

T5:«T7+1;

T6:=T7;

N p : - 1 ;

Rm3 :=• 10000;

Rm4:»10000;

Temperature of condensate
surface

Temperature of condensing
surface (condensate side)

Temperature of condensing
surface (cooling water side)

Air-gap thickness [m]

Linear velocity of brine solution [m/s]

Linear velocity of cooling water [m/s]

Concentration of feed [% fivt.)]

Temperature of feed [K]

Temperature of cooling water [K]

Initial conditions

Initial conditions

Initial conditions

Initial conditions

Initial conditions

Initial conditions

Initial conditions

Initial conditions
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z:=0;

Assiga(Infiie,lc:\AG');Crca/cj andwrites data to a file

ReWrite(InFile); Creates and writes data to a file

Iteration used to calculate heat and mass flux

repeat

Tl := Tl + 5;

k:=0;

repeat

k:=k+l;

x21 := 0; Initial condition

Resistances;

TempPol;

until k=10;

csur := 0; Initial condition

repeat

csur:=csurH).001;

fa:=c21;

fb := dens(T2,csur)*(l-csur/100)/M*1000;

until &<=fc;

WriteU(InHle,Tl:0:4;fTl: 10:3,",Q: 10:4,",N:10:1);

WrheLn(Tl:0:4,",Tlrl0:3,",Q:10:4AN:10:l);

until Tl >= 356; End of iteration

Close(InHle);

ReadLn;
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SYNOPSIS?

The main objective of this project was to demonstrate the feasibility of a membrane distillation unit
which is made to use the abundant supply of solar energy to produce potable water from brackish
or sea water.

The aims of the project involve:

The development of the appropriate theory behind the system
The design and optimisation of the unit with the aid of a computer simulation which is
developed from the theory.
The construction of a prototype unit with which the simulation results can be compared to
the practical results

From the preliminary results that were obtained, it was observed that the temperature of the salt
water solution was the most important variable in the process. As the temperature increased, the
flux increased exponentially. Another variable which played a role in the mass transfer flux, but not
as significantly, is the temperature of the cooling water.

KEYWORDS: Solar powered membrane distillation(SPMD) . Air Gap Membrane
Distillation (AGMD)
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Theory

In order to produce a distillate of quality, energy is required to separate the different species which
are to be found in the feed to the dir:"iti«n unit. The principle factor is the cost of the energy
needed to produce the thermal driving force. Generally, membrane distillation is found to be
competitive in situations where some source of waste energy is available or where electricity is
expensive. The advantage of using a solar distillation unit to produce water which is safe for human
consumption, lies in the fact solar energy is used as the only source of energy and it is readily
available. In most areas where there is a lack or shortage of reliable water, there is access to large
quantities of brackish, non-potable water. The combination of abundant quantities of solar energ"
as well as non-potable water, gives rise to the possibility to economically desalinate the water in
order to produce potable water.

Membrane disti!lation[l] is a process in which water in a salt solution is evaporated through a
porous membrane. The vapour condenses on a coolant surface on the other side of the membrane.
The two liquid surfaces, the heated snlt solution and the condensate, are separated by a porous
hydrophobic membrane. Surface tension forces withhold liquids from the pores and prevent contact
of the two streams. It can be said that the main purpose of the membrane in membrane distillation is
as a physical support for the vapour-liquid interface^)

The temperature difference, causing a corresponding vapour pressure difference across the
membrane, provides the drixing force of the membrane distillation process. Evaporation will occur
at the solution surface if the vapour pressure on the solution side is greater than the vapour pressur.-;
at the condensate surface. Vapour then dilHises throuuli the pores to the cooler surface, where it
condenses.

There are basically two categories into which membrane distillation (MD) can be categorised.
These are Direct Contact Membrane Distillation (DCMD) and Air Gap Membrane Distillation
(AGMD)[3J. In both cases the. liquid feed flows over one side of the membrane and the
evaporation surface is immobilised at one membrane surface. In DCMD the condensation surface
is localised at the opposite side of the membrane, while in AGMD condensation of the distillate
takes place over a cold surface separated from the membrane by the additional gap of an inert gas,
typically air. Clearly, in DCMD the distance between the evaporation and the condensing surface is
separated only by the membrane, so that low mass and heat transfer are obtained. In AGMD, on
the contrary, the evaporation and condensing surfaces are separated by a much larger distance,
giving rise to a much larger heat and mass resistance. The very narrow gas gap in DCMD gives ris;
to a small temperature difference between the two surfaces and consequently a small driving force
for mass transfer. The larger air gap in AGMD, on the other hand, gives rise to a larger temperature
difference and consequently a large partial pressure difference. An increase in the air gap thickness
is beneficial in all cases as far as the heat losses are concerned; however, it can result in an increase
or in a decrease of the water distillation rate from a salt solution. Indeed as far as the separation is
concerned an optimum air gap thickness is obtained which increases the salt concentration of the
feed increases.[3]
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IIcat and mass transfer

Mass transfer in MD occurs by conveaive and diffusive transpon[2] of water vapour across the dry
microporous membrane, for which the driving force is the difference in water vapour pressure on
either side of the membrane.

Heat transfer within the membrane occurs by two principle mechanisms[4]: firstly there is the latent
heat transfer accompanying vapour flux and secondly the.* is heat transfer by conduction across the
gas filled membrane.

Of the total quantity of heat consumed by the process, only 50 to 80% is consumed as latent heat,
whilst the remainder is lost by thermal conduction. The amount of heat lost by thermal conduction
can be minimised by the incorporation of an air-gap between the membrane and the condensing
surface. Unfortunately, this increases the mass transfer inefficiency and limits the control of th *
temperature polarisation.

Mass transfer inefficiency can be seen as the piwdice of air between the evaporating and
condensing surfaces ilut hinders the diffusion of vapour through the membrane and results in the
flux being lower than the maximum achievable flax for the specific membrane and conditions.
Hence, it is obvious that there is an optimum thickness for the air gap.

The Air Gap Membrane Distillation (AGMD) unit

The unit comprises of a membrane which is in the form of a bag. One side of the bag is black in
order to maximise the absorption of radiation. To prevent the membrane from damaging, the top
surface is covered with a transparent PVC sheet. This sheet will allow sunlight to enter the unit so
that the black membrane surface will be able to absorb the radiation. At the back of the membrane
bag, the surface is separated from the condensing surface by means of highly porous spacing
material. The condensing surface is a black PVC sheet. This surface can be placed against a cold
surface or in a pool of water to induce a thermal gradient between the condensing surface and the
heated non-potable solution. The PVC sheets are in the form of a pocket. The one great advantage
of this unit is that it can be tilted to an optimum angle, so that the incoming radiation is maximised.

Fig. I Single stage membrane distillation unit
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Where multistage distillation is operational, the condensing surface of the first unit is tn contact with
the top surface of the second membrane bag. Each stage has its* own condensing surface.

Fig 2 Multi stage membrane distillation unit

Advantages of MI) compared to conventional dislill.ttion|5| -

The configuration of the evaporation surface can be made similar to various membrane
modules, with a compact area density
Mist can be eliminated, and the product is very pure
Corrosion and/or fouling may be less than with metal surfaces
It is able to operate at low temperatures, that is temperatures below the boiling point of the
liquid

Properties of the nifmbrnnes|6|

Economy of the operation calls for long life membranes, which therefore should have the following
attributes:

Chemically resistance
Structurally strong
Heat resistant
Repellent to impurities in the mother liquid

Re-using of energy|7|

One of the major advantages of MD is its ability to recover the latent heat of vaporisation for re-
use. As the vapour condenses on the condensing surface, the heat of condensation is used to heat
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up the feed in the next stage in a multistage system. The proportion of heat transferred during
distillation that can be re-used depends primarily on the approach temperatures of the streams in the
MD module. The heat recovery factor is defined as the maximum possible heat recoverable in the
main heat recovery exchanger divided by the hcz* *-a—f—\1 in the membrane module

HHF - HP-

Modelling

The basis for the calculations is the assumption that membrane distillation can be described as a
process in which a hot condensable vapour is diffusing at steady siate through a stagnant film of
non-condensable gas to a cold surface where the vapour condenses

The molar flux. N. of a vapour diffusing at steady state through a stagnant air film is given by[ 1 ]

A ' 7 ^ *

where x is the mole fraction of the water, z is the thickness of the diffusion path and D is the
diffusion coefficient.

Even though the molar flux is only affected to a minor degree by the simultaneous heat transfer, the
rale of heat transfer is directly affected by the simultaneous mass transfer.
The sensible heat, E, is made up of one term describing the conductive energy flux and one term
describing the energy flux caused by diffusion

where k is the thermal conductivity. CP is the thermal conductivity.

An initial model, in the form of a TURBO PASCAL program, was developed with the aim of
testing such a model against the experimental results. From the modelling of the process it was
clear that a large number of variables would influence the final result, namely the produaion rate of
potable water. Factors that are most likely to influence the production rate are:

The amount of solar energy absorbed by the experimental system
The temperature of the feed stream and the condensing surface
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The flowrates of the salt solution and the cooling water
The length of the diffusion path

The theoretical model comprises mass and energy balances and uses appropriate correlations for
the heat transfer, diffusion rate of the vapour, as well as the heat generated due to the condensation
of the vapour. Models for both the single and double effects were developed, making it possible to
determine the influence and importance of the different variables on the distillation process.

Materials for construction
\

The two most important requirements for the distillation unit are its portability and simplicity of
operation. The latter would make it acceptable for a wider variety of applications; these could vary
from emergency equipment on seacraft to the production of potable water in remote deseits.

The material of construction should be very light, but must provide the necessary protection to the
membrane to prevent any damage to it.

Experimental

In the first experimental set-up that was built, canvas was used as the membrane bag. Problems
arose due to the hydrostatic pressure of the water and in the controlling of the different parameters.
For example, it was difficult heating the salt solution evenly, consequently a temperature gradient
formed in the membrane bag and this would have influenced the production rate considerably.
Other problems that arose were the uneven cooling of the condensing surface and the collecting of
the permeate. One of the greatest disadvantages of the whole system was that the experimental set-
up had to be re-build from scratch if anything went wrong.

To overcome these problems, a plate-and-frame type of system was built. The greatest advantage
of this set-up is that there is better control over the different parameters and that different
membranes can be tested. Each time the membrane needs to be replaced, the whole set-up does not
have to be re-built. The heating by sunlight was simulated by heating the water with electrical
heaters. The salt water, as well as the cooling water, are circulated by means of pumps.

Results

The preliminary tests delivered some results on the production rate of potable water as a function of
the temperature of the heated water, as well as the cooling water.

Two types of membranes were used. One with laminated cloth on both sides of the membrane and
one with cloth only on one side.
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In the first experiment that was conducted, the cooling water temperature was kept constant at
14°C, while the salt water's temperature varied. The membrane that was used was laminated at
either side of the membrane.

The following results were obtained:

[°C]

50

54

60

62

65

76

Condensate
[ml/(h.m2)]

74.1

78

160.7

IS3.5

192.7

330.3

In the second experiment the influence of the temperature of the condensing surface was
investigated, keeping the temperature of the salt water constant at 6 5 * C.

The following results were obtained:

[DC]

13

15

19

Condensate
[ml/(h,m2)]

204.5

192.7

183.5

Further experiments were done to see the effects of the laminated cloth on the permeate flux. In
other words, it had to be seen whether the laminated cloth acts as extra resistance for the mass
transfer through the membrane.
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The following results were obtained:

TwkMlrfMi

[°C]

48

57

61

Condensate
. [ml/(h.m:)]

517.1

587.2

652.4

Discussion of the results

The results confirmed the idea that the temperature of the salt water plays one of the most
imponam roles in the production rate. On thermodynnmic grounds the amount of vapour that was
formed would increase if the temperature of the salt water was increased.

The above results indicate that the laminated cloth has a definite effect on the diffusion rate of the
water-vapour. Tlws. the laminated support cloth adds to the resistance against mass transfer
through the membrane. Ideally, a membrane without any protective cloth should be used, but since
the membrane has a thickness of only 12 micron, it would not be possible to use the membrane
without any protection.

The effect of changes in the temperature of the condensing surface is not as significant as changes
in the temperature of the salt solution. If the air gap is saturated with waier-vapout, it is obvious
tliat the temperature of the condensing surface would have a noticeable effect on the production
rate. The lower the temperature of the condensing surface, the faster the water-vapour would
condense. This will influence the saturation of the water-vapour in the air-gap, and diffusion would
be able to take place at a faster rate through the specific membrane and under the specific
conditions.

Conclusions

Changes in the temperature of the condensing surface does not have such a great effect on the mass
flux as the salt water's temperature. It does, however have a noticeable effect on the mass flax.

The salt water's temperature is the parameter with the greatest effect on the permeate flux. The flux
increases exponentially as the temperature increases.

One of the most important changes to the current model would be to change the model to a model
with multiple stages. As the vapour condenses on the condensing surface, the heat of condensation
is used to heat up the feed in the next stage.
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